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ABSTRACT 

Heterogeneous catalysis is one of the key processes for the synthesis of 

pharmaceuticals, fine chemicals, petrochemicals, polymers, agrochemicals, among others 

and often involves three phases where a gaseous reactant needs to diffuse through the 

solvent (liquid) onto the surfaces of catalyst particles (solid) in order for catalytic reaction 

to take place. Traditionally stirred tank and packed bed reactors are the workhorse for 

heterogeneous catalysis, as such, interphase mass transfer limits the overall efficiency for 

this type of operation. This PhD project focuses on the study of a multiphase catalytic 

hydrogenation in an alternative reactor platform, i.e. oscillatory baffled reactor (OBR), 

due to its reported uniform mixing and enhanced mass transfer rate. The chosen model 

reaction is the hydrogenation of 3-butyn-2-ol over Pd/Al2O3. 

A comprehensive and systematic comparable evaluation of the OBR vs a commercial 

stirred tank PARR reactor was for the first time undertaken in this project by assessing 

reactor efficiency (power consumption), hydrogen feed mode and hydrogen utilization 

(H2 efficiency). Our investigation demonstrates  

• enhanced reaction performance is obtained when hydrogen-on-demand is 

operated; 

• H2 efficiency is significantly improved and the residence time reduced in the 

OBR in comparison to the PARR reactor at both ambient and pressurized 

conditions due to its enhanced and uniform mixing; 

• the OBR has also displayed better reactor efficiency than the PARR reactor. 

 One of the objectives of this PhD work was to investigate the possibility of performing 

heterogeneous catalysis continuously in the OBR, this has been achieved. The model 

hydrogenation reaction was successfully run for 8 hrs continuously, the catalyst stability 

and usability were consistent for the 8 hrs achieving the target conversion of 95 % and 

selectivity > 97%. This work is again the first of its kind in this field. 
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1 

 Introduction 

This chapter outlines the motivations and objectives of this thesis work. The structure of 

the thesis is included at the end of this chapter. 

1.1 Motivations 

Catalysis plays a critical role in the chemical industry, it is estimated that 90% of the 

commercial chemicals include catalysts during their synthesis steps [1], 10% of which 

are catalytic hydrogenation reactions, such as semi-hydrogenation of alkynes to alkenes  

and alkynols to alkenols [2-7], for the production of pharmaceuticals, agrochemical, 

petrochemical, vitamins and fine chemicals [8]. Hydrogenation often involves three 

phases where a gaseous reactant needs to diffuse through the solvent (liquid) onto the 

surfaces of catalyst particles (solid) in order for a catalytic reaction to take place. As such 

liquid/gas systems are known for having diffusion problems [9, 10], thus compromising 

the productivity and efficiency of the process. 

Mass transfer limitation can partially be mitigated by increasing the solubility of gas 

into liquid and by enhancing the contact area and time between phases. The former is 

achieved by means of increasing operational pressure, whereas the latter depends on the 

capacity and efficiency of mixing in reactors where reaction takes place. 

The most common reactors for multiphase catalytic hydrogenation are packed bed 

reactors (tickle beds and monolith reactors) and slurry reactors (stirred tanks). Each 

reactor has its advantages and disadvantages. In the latter, solid catalyst particles are 

suspended in a liquid solvent with hydrogen continuously fed into stirred tank reactors. 

The drawback for this is that catalyst must be removed after each batch, leading to down 

time, potential loss of catalyst, lower efficiency and productivity and batch to batch 

variations [11]. In the former, no separation of catalyst is required as catalyst particles are 

shelved and stationary. In addition, much larger amount of catalyst is required in this type 

of reactor configuration. How could interphase mixing be improved so to reduce 
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interphase mass transfer barriers and increase reaction rate? Could hydrogenation be run 

continuously in liquid phase to deliver consistent conversion and selectivity? If so, the 

removal of catalyst is less frequent, leading to significant reduction of down time and loss 

of catalyst and, thus, enhanced productivity. Clearly there is a necessity of finding an 

alternative reactor design to address the above questions. Oscillatory baffled reactor 

(OBR) is proposed in this thesis based on better/uniform mixing and enhanced volumetric 

mass transfer coefficient, extensively reported in literature [12-19].  

1.2 Objectives of the thesis 

A comprehensive and systematic comparable evaluation of the OBR vs a commercial 

stirred tank PARR reactor was for the first time undertaken in this PhD project. The 

chosen model reaction is the hydrogenation of 3-butyn-2-ol over Pd/Al2O3. The main 

objectives of this work are summarized in the following bullet points: 

• To study the model hydrogenation reaction in a stirred PARR reactor in order 

to understand reaction mechanism and kinetics; 

• To establish benchmark conditions as the basis for the comparative work;  

• To perform the hydrogenation reaction in an oscillatory baffled reactor (OBR) 

using the benchmarking conditions at ambient and pressurized conditions to 

validate the use of this reactor platform for multiphase catalytic reactions; 

• To evaluate two modes of H2 supply in order to stablish which mode is the 

most efficient in terms of H2 efficiency; 
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• To evaluate reactor efficiency, reaction time and H2 utilization in the two 

reactors, enabling comparison between the OBR and a commercial stirred tank 

reactor (PARR reactor); 

• To investigate the possibility of performing continuous hydrogenation in a 

continuous OBR, examine catalyst stability and usability, allowing the 

assessment of a new reactor platform. 

1.3 Structure of the thesis 

This thesis is composed of seven chapters. Following the introduction (chapter 1), 

there is a complete literature review (chapter 2) covering relevant background 

information for catalytic hydrogenation, multiphase reactor designs and oscillatory 

baffled reactor technology.  

Chapter 3 presents the experimental and analytic methods used in this thesis work, as 

well as the materials and reactor configuration descriptions. 

Chapters 4 and 5 show the findings of the investigations of catalytic hydrogenation 

and highlight the conclusions drawn from each. The effect of operation mode is 

investigated in Chapter 4. Chapter 5 consists of comparative work in OBR and PARR at 

elevated pressures.  

The study from batch to continuous operation in a continuous oscillatory baffled 

reactor (COBR) is detailed in Chapter 6. 

Chapter 7 summarizes the main conclusions and suggests future work based on the 

outcome of the present investigation. Additional information is found in the Appendixes, 

after chapter 7. Finally, it is followed by a list of literature references. 
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 Literature Review 

This chapter compiles relevant literature covering three essential areas for the scope of 

this research: 1) catalytic hydrogenation, 2) multiphase catalytic reactors and 3) 

oscillatory baffled reactor.   

2.1 Catalytic hydrogenation 

2.1.1 Introduction 

Catalysis plays a critical role in the production of pharmaceuticals, fats and oils, 

surfactants, fragrances, polymers, clean motor fuels with high octane and low sulphur; in 

the control and reduction of pollution and in the conversion of gas natural and biomass 

into energy or chemicals. Globally, in 2016, the catalyst market was estimated around 

$23 billion (£17 billion), with a projection of reaching $34 billion (£25 billion) by 2025 

[20]. Hydrogen constitutes one of the cleanest reducing agents, hence the importance of 

hydrogenation within the chemical industry is irrefutable, where it is widely applied in 

the production of organic chemicals via reduction of functional groups such as alkynes, 

alkenes, aromatic rings, aldehydes, ketones, esters, carboxylic acids and nitro compounds 

[21, 22]. A list of applications in pharmaceutical and fine industries for three phase 

hydrogenation reaction is given in Table 2.1.  

Many catalytic processes are found to be dependent on solid catalysts, i.e. 

heterogeneous catalytic reactions, creating the need of multiphase reactors in order to 

undertake these reactions. The use of catalysts eliminates the necessity of using 

stoichiometric routes and, in turn, the production of great amounts of waste products and 

by-products; and the use of components with important safety issues. The production of 

pharmaceuticals has evidently been dominated by traditional, multistep, stoichiometric 

synthesis, with a production of by-products that can reach 100 kg per each kilogram of 

target product (i.e. poor E-factor, see Table 2.2). Catalytic reactions represent one way 

to minimise this associated waste and enhance efficiency with safer, cleaner, and more 

sustainable processes [23]. An example of this can be found in the production of ibuprofen 
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[24], comparing the conventional organic route with the catalytic one patented by 

Hoechst-Celanese in 1988 [25]. In the former, the ibuprofen was produced by a six-steps 

process where stoichiometric amounts of organic salts (one-to-one molar) are obtained 

whereas, in the latter, a three-steps synthesis was proposed consisting of two catalytic 

transformations. The first catalytic step was the transformation of p-isobutyl 

acetophenone to p-isobutyl phenyl ethanol, i.e. a gas/liquid/solid selective hydrogenation 

that usually takes place in a slurry reactor [26, 27]. 

Table 2.1 Applications of three phase hydrogenation reaction in industry 

Reaction Product  Sector Ref. 

Hydrogenation of 2,4-

dinitrotoluene 

Toluenediamine  Fine chemicals [28, 29] 

Hydrogenation of o, m and p-

nitrochlorobenzenes 

Chloroanilines  Pharmaceuticals, 

dyes 

[30-32] 

Hydrogenation of o-nitroanisole o-anisidine  Dyes, fine 

chemicals 

[33] 

Hydrogenation of butynediol cis-butenediol  Pharmaceuticals, 

pesticides 

[34, 35] 

Hydrogenation of p-

isobutylacetophenone 

p-isobutylphenylethanol  Pharmaceuticals [36] 

Hydrogenation of 

cinnamaldehyde  

Cinnamyl alcohol Fine chemicals, 

perfumery 

[37] 

Hydrogenation of 3-

hydroxypropanal 

1,3-propanediol Fine chemicals [38, 39] 

 

 

 
Table 2.2 The E-factor (defined as kg by-product/kg product from [40]) 

 

Sector 
Product tonnage 

per year 
E-factor 

Oil refining 106-108 < 0.1 

Bulk chemicals 104-106 < 1 – 5 

Fine chemicals 102-104 5 – 50 

Pharmaceuticals 10-103 25 – 100 
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2.1.2 Selective hydrogenation of alkynols 

A heterogeneous hydrogenation reaction takes place between hydrogen and an organic 

molecule in the presence of a transition metal catalyst. This concept was observed and 

studied by Wilde [41], Sabatier [42], Campbell [43] and Lindlar [44]; pioneers in the 

investigation of heterogeneous selective hydrogenations, as shown in Figure 2.1, 

representing a chronological development of the selective alkyne hydrogenation in liquid 

and gas phases, respectively. A wide range of metals (e.g. Rh, Ru, Ni, Pd and Pt) have 

been tested as catalysts [45-48]. These systems are expected to be highly active and 

selective in order to obtain the target product at high yields, as it is the case of the 

production of the C=C functional group via the selective hydrogenation reduction of CºC. 

Notable examples of this type of reaction in pharmaceutical, agrochemical and 

petrochemical industries are the semi-hydrogenation of alkynes to alkenes [2, 49] and 

alkynols to alkenols [3-7, 50], where a hydroxyl group is added to the unsaturated 

hydrocarbon chain, which is a fundamental reaction for the production of vitamins [51, 

52]. One of the most used catalyst in industrial hydrogenation of alkynes is Lindlar 

catalyst, which represented a transformation in the manufacturing of vitamins such as A, 

E and carotenoids in the 1960s [8]. This catalyst consisted of Pd supported over CaCO3 

poisoned with Pb [44] to avoid the over hydrogenation and, thus, increase the selectivity 

in selective catalytic hydrogenations of alkynes to alkenes [53-56]. However, there are 

rising concerns in industry due to its toxicity. 
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Liquid phase  Gas phase 
   
  Acetylene (Pt black) 1874 [41] 

 
 
 

 
 

 Ethyne (Ni, Cu) 1899 [42] 

1-hexyne, 1-heptyne, 4-octyne, 
phenylacetylene, 5-decyne  
(Raney Ni) 1939 [43] 
 

  

Selective hydrogenation 
(PdPb/CaCO3) 1952 [44] 

  

1,4-butynediol (Pd/CaCO3)  
1958 [57] 
 

 Acetylene and ethylene mixtures 
(Pd-Ag, Pd-Cu, Pd-Au) 1957 [58] 

1,4-butynediol (Supported Ni, 
Raney Ni) 1983 [59] 

  

   
3-hexyn-1-ol (PdPb/CaCO3)  
1997 [60] 

 1-butene and 1,3-butadiene 
mixtures (Pd/ZnO) 1993 [61] 

  Acetylene (Pd/Al2O3) 1998 [62] 
   
3-methyl-1-pentyn-3-ol (Pd/SiO2, 
PdCu/SiO2) 2003 [2] 

 Acetylene (Au/TiO2, Pd/TiO2, 
Au-Pd/TiO2) 2003 [63] 

Phenylacetylene, 4-octyne,  
1-phenyl-1-pentyne (c-P/C)  
2003 [64] 

  

2-pentyne (Pd/Al2O3) 2009 [65]   
   
3-hexyne (W-Pd/Al2O3) 2019 [66]  Acetylene (Pd-In/Al2O3) 2017[67] 
   

 

Figure 2.1 Timeline for alkyne semi-hydrogenation development in liquid and gas 

phases 

 

A simplified reaction scheme for the hydrogenation of a terminal functionalized 

alkyne, i.e. alkynol, composed of four carbon atoms chain is shown in Figure 2.2. The 

reaction can proceed through the sequential route. In this case, alkynol is semi-

hydrogenated to alkenol (reaction r.1) and sequentially over-hydrogenated to alkanol 

(reaction r.2). In opposition, alkynol can be directly hydrogenated to alkanol (reaction 

r.3). Therefore, selectivity in the partial hydrogenation of unsaturated hydrocarbons is 

challenging due to over-hydrogenation.  

1870s    1890s    1930s      1950s       1980s     1990s        2000s               2010s       
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Figure 2.2 General terminal functionalized alkyne hydrogenation scheme. R, R' = H, CH3 

Increasing the efficiency and the selectivity of a hydrogenation process implies a 

careful selection of the catalytic system, which should satisfy a series of requirements 

[68]: 

• High activity; 

• High selectivity with respect to alkene (not lower than 80%, desirably 

between 95-99%); 

• Stability of the catalyst during the operation; 

• Catalyst unaffected by poisoning originated from reaction products; 

• Catalyst easy to prepare, regenerate and low cost 

 

Among the catalytic metals, Pd was recognized as the most effective in terms of 

selectivity and activity towards target alkenol [45, 69, 70]. García-Mota et al. (2011) and 

López and co-workers (2012) [54, 71] explained that it was the preferential adsorption of 

the C≡C group shown on Pd catalyst relative to C=C that contributed to an alkenol 

selectivity greater than 97% [72, 73].  

The reaction starts when the hydrogen and the organic compound are adsorbed on the 

surface of the catalyst. The adsorption of hydrogen molecules occurs dissociatively on 

CH�C−C(OH)R−R’

alkynol

CH2�CH−C(OH)R−R’ 

alkenol

CH3−CH2−C(OH)R−R’

alkanol

r.1 r.2

r.3
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metals such as Pd [23, 50, 53]; whereas alkyne, primarily adsorbed as p-complex on Pd 

nanoparticles, is activated into alkyne associatively chemisorbed via di-s-complex. After 

the addition of H atom, chemisorbed alkyne is converted into alkene (s-adsorbed) 

intermediate, as reported for the hydrogenation of acetylene [70], or propyne [74]. 

Several supports have been investigated in literature reporting the interaction between 

and support and the substrate, changing the polarity or acidity of the active sites, hence 

affecting the reactivity of the metal [75]. Blaser et al. reported the catalyst activity 

depending on the support, with a decrease as follows: C (activated carbon) > Al2O3 > 

CaCO3 > BaSO4 [76]. Besides, Yuan et al. carried out a catalyst deactivation study and 

concluded that, although the initial activity for P/C and P/Al2O3 were the same, alumina 

stabilized Pd to a greater extend compared to C [77].  

2.1.3 Gas-phase selective hydrogenation of alkynes  

Gas phase hydrogenations are characterized by gaseous reactants and solid catalyst. 

Unlike in liquid phase, high activity is reported in the selective hydrogenation of alkynes 

(and alkenes) in gas phase due to the high contact between the gas and the catalyst. Gonzo 

and Boudart (1978) compared the hydrogenation of cyclohexene over 4.88% wt. Pd/Al2O3 

in liquid and gas phases, reporting double turnover frequency in gas phase compared to 

liquid phase under the same working pressure and temperature [78]; however, at the 

expense of selectivity, as shown by Vilé et al. (2014) for the gas phase hydrogenation of 

ethyne and the liquid phase hydrogenation of 1-hexyne over 20% wt. CeO2/TiO2 with 

90% selectivity towards ethene and 100% selectivity towards 1-hexene respectively [79].  

Great efforts have been focused on the improvement of selectivity investigating 

different catalysts and supports; a high excess of hydrogen is still required in gas phase 

to achieve high conversions, as opposed to liquid phase [49], leading to the necessity of 

hydrogen recovery and recirculation for industrial purposes. Some examples over the last 

three decades are detailed in Table 2.3 for different alkynes/alkenes. 
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Table 2.3 Examples of alkynes and alkenes hydrogenation in gas phase 

Entry Reactant Catalyst 
T 

(K) 

P 

(bar) 

H2/organic 

ratio 

X 

(%) 

S 

(%) 
Ref. 

1 2-methyl-

1-buten-3-

yne 

Pd/Al2O3 

293 1 16 

80 38 

[80] 
2 PdPb/Al2O3 80 78 

3 ethyne Pd/TiO2 313 1 1.2 45 93 [81] 

4 
ethyne Pd/Al2O3 

348 1 1 90 42 
[82] 

5 348 1 10 100 10 

6 
ethyne Pd4S 

398 1 2 100 75 
[83] 

7 398 1 10 100 40 

8 
1-pentyne 

Pd/Al2O3 374 1 
60 

80 93 
[84] 

9 Pd/TiO2 372 1 80 74 

10 1,3-

butadiene 
Pd/Al2O3 

273 1 
6.65 

1.2 96 
[85] 

11 313 1 37 45 

12 

ethyne 

2% wt. Pd-

0.35% wt. 

Au/SiO2 

303 1 

0.4 

2.6 98.7 

[86] 
13 335 1 9.7 88.1 

The presence of metallic modifiers (see entries 1-2) improves the selectivity, resulting 

from a change in the relative adsorption strength of reactant and intermediate products 

caused by the formation of intermetallic compounds (e.g. Pd3Pb) on the surface, in line 

with the increased selectivity reported by Palczewska et al. for the hydrogenation of C2H2 

and 2-butyne over Pd3Pb/CaCO3 [87]. 

It can be concluded that a slight excess of hydrogen over the stoichiometric ratio is 

required to enhance alkyne conversion (see entries 3-4, 12-13), as reported by Bridier et 

al. [88]. The loss of selectivity towards alkene when increasing the ratio H2/organic (see 

entries 4-7) is explained by the formation of b-PdH phase, which was reported to be 

selective towards the over-hydrogenated product [70, 89].  

The effect of catalyst support was investigated by Ellis et at. (2018) (see entries 8-9), 

Pd/Al2O3 exhibited higher selectivity due to the inert nature of the support, therefore, the 
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reduction of Pd is not suppressed by a strong interaction with the support, unlike titania 

that stabilizes Pd2+ against reduction due to its more reactive nature [84]. 

In gas phase processes, the control of temperature presents some difficulties. Highly 

exothermic hydrogenation reactions [90] can cause a large temperature rise in an adiabatic 

system [91]; whereas the heat generated by the reaction in liquid phase is absorbed by the 

liquid (solvent), thus reducing the risk of a thermal runaway. The “runaway” condition is 

referred as the worst problem when operating a selective hydrogenation reactor, not only 

due to the promotion of undesired reactions by the increase in catalytic activity, but also 

the extremely high heat release that could cause explosions as well as damage to the 

catalyst.  

Additionally, a good temperature control is essential in selective hydrogenation 

reactions in order to promote the desired pathways and avoid thermal degradation of the 

catalyst, thus, the reaction is economically viable. The alkene selectivity decreases with 

the increase of temperature (see entries 10-13 for a fixed reaction time). Moreover, low 

temperatures improve the stability of the catalyst as investigated by Sárkány and co-

workers (2002) (see entries 12-13). Selectivity dropped when increasing the reaction 

temperature due to the increase of carbon deposits on the catalyst with the ratio of 

carbon/Pd 1.6 at 303 K and 2.9 at 335 K [86]. 

2.1.4 Liquid-phase selective hydrogenation of alkynes  

For liquid phase hydrogenation reactions, the liquid reactant and gaseous hydrogen are 

catalysed by a solid catalyst, this process is often limited by the supply of hydrogen. For 

that, elevated pressure is a tool commonly used to increase the concentration of dissolved 

hydrogen.  

This type of processes is preferred due to the improved performance considering that 

milder conditions in liquid phase lead to enhanced yields. For instance, the selective 

hydrogenation of phenol to cyclohexanone, a key material in the production of nylon [92], 



 

12 

is one of these cases. Giraldo and co-workers (2014) [93] reported >80% selectivity 

towards cyclohexanone at  80% conversion working in gas phase at 453 K, H2/phenol = 

6 and 1 bar using Rh supported on mesoporous silica catalyst; whereas Wang et al. (2011) 

[94] achieved 96% cyclohexanone selectivity at 99% phenol conversion in liquid phase 

using Pd nanoparticles supported on a mesoporous graphitic carbon nitride at 298 K and 

1 bar, which increased to selectivity > 99% (conversion = 99%) at a temperature of 338 

K. Table 2.4 shows a list of alkynes hydrogenation in liquid phase at different conditions. 

Table 2.4 Examples of alkynes hydrogenation in liquid phase 

 

Entry Reactant Catalyst T 
(K) 

P 
(bar) 

X 
(%) 

S 
(%) 

Yield 
(%) Ref. 

1 2-butyne-
1,4-diol Pd/Al2O3 328 2 100 99.6  [95] 

2 

2-methyl-3-
butyn-2-ol 

Lindlar catalyst 333 7 98 94.2  

[96] 
3 Lindlar catalyst 353 7 98 90.2  

4 Pd/ZnO 333 7 98 94.6  

5 Pd/ZnO 353 7 98 91.1  

6 
2-methyl-3-
butyn-2-ol 

Lindlar 333 1   94.5 

[56] 7 Pd/SiO2 333 1   91.5 

8 PdBi/SiO2 333 1   94-96 

9 2-methyl-3-
butyn-2-ol Lindlar catalyst 333 2.5 99 >96  [72] 

10 

3-methyl-1-
pentyn-3-ol 

Lindlar catalyst 298 1  94  

[49] 
11 Lindlar catalyst + 

quinoline 298 1  96  

12 Pd-Cu/SiO2 298 1  97  

13 Pd-Cu/SiO2 + 
quinoline 298 1  99  

14 2-methyl-3-
butyn-2-ol 

Pd/ZnO 308 5 99.9 94.5  
[97] 

15 Pd/ZnO + 
quinoline 308 5 98 97  

16 2-methyl-3-
butyn-2-ol 

Pd25Zn75/TiO2 333 5 99.9 90  
[98] 

17 Pd25Zn75/TiO2 + 
pyridine 333 5 99.9 97  

The use of Pd-based catalysts for the hydrogenation of alkynes reports high selectivity 

towards alkene at high conversion values (see entry 1).   
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The addition of a second metal to increase the alkene selectivity has been broadly 

investigated, e.g. see entries 2-5, the selectivity towards alkene was found to be higher 

for Pd/ZnO catalyst than that for Lindlar catalyst, in line with the 40% increased ratio 

adsorption equilibrium constant of MBY/MBE when using Pd/ZnO instead of Lindlar 

catalyst [53, 72] caused by the formation of Pd-Zn alloy that changes the adsorption 

strength of alkyne, increasing it [5, 61]. In entries 6-8, the selectivity obtained using 

PdBi/SiO2 catalyst is comparable to that of the Lindlar catalyst, which exceeded that of 

the Pd/SiO2 catalyst. These results are consistent with the calculated ratios of adsorption 

equilibrium constant MBE/MBY (Lindlar £ PdBi/SiO2 < Pd/SiO2) [56]. The formation of 

b-PdH is suppressed due to the presence of lead in Lindlar catalyst [99] in liquid-phase 

hydrogenation as well as in the Bi-poisoned catalyst [56]. This could be the reason of the 

increased selectivity (see entry 9), similar to the gas phase hydrogenation, where the 

presence of b-PdH led to non-selectivity hydrogenation [100, 101]. Besides, the ratio of 

MBY to MBE adsorption equilibrium constants depends on temperature, thus, affecting 

the selectivity [96] (see entries 2-3 and 4-5). 

Selectivity towards alkene using Pd-supported catalysts increases by adding additives 

such as quinoline or pyridine (see entries 10-11, 12-13, 14-15, 16-17). The effect of the 

nitrogen-based additive is usually explained as (a) preferential adsorption of the additive 

over alkane [102]; (b) decreased catalyst activity via unselective site blocking [2, 102]; 

(c) change of alkyne/alkene relative adsorption strength [103, 104]; (d) nucleophilic H 

attack on the alkyne triple bond due to the formation of Pdd+-Hd- mode on Pd surface 

[105]; or (e) catalyst surface rearrangement [106]. 

2.1.5 Kinetics of heterogeneous catalytic reactions 

Kinetics describe the relation between the rate of a catalytic reaction with concentrations, 

pressure and temperature. These correlations are essential to predict the effect of 

operation changes on performance. For that, it is fundamental to discern between 

performance caused by mass or heat transfer and catalytic response (characteristic of the 

catalyst activity), i.e. between extrinsic and intrinsic kinetics. 
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The study of the kinetics is an approach to understand the mechanism of a specific 

reaction. Therefore, a mathematical model is required to represent the data. Kinetic 

models were proposed over the past century by fitting parameters to experimental data, 

i.e. empirical correlations. These models were improved by considering several 

mechanistic assumptions that became more precise with the increasing understanding of 

the physical chemistry of catalytic reactivity. 

Heterogeneous catalytic reactions generally involve a combination of reaction and 

transport processes [107] that occur concurrently, as shown below: 

a) Transfer of reactants to the catalyst sites; 

b) Adsorption onto the catalyst; 

c) Reaction on the surfaces of catalyst; 

d) Desorption of products from catalyst; 

e) Transfer of products back to the liquid bulk. 

If the diffusion steps (a and e) are fast, there is no resistance to the mass transfer of 

reactants/products, i.e. the concentration of reactants in the catalyst surface is considered 

to be the same as in the bulk, and these steps are then not affecting the reaction rate. In 

this case, the overall rate of reaction is said to be catalytically controlled. This means that 

the reaction rate can be described by the rate equation derived from the elementary steps 

involved in the reaction mechanism. On the other hand, if the diffusion of reactants to the 

catalyst surface is slow, the overall reaction rate strongly depends on the mass transfer 

resistance and the reaction is said to be mass transfer controlled. 

In general, a reaction mechanism is defined as a sequence of elementary steps involved 

in the overall transformation. In any catalytic reaction, at least, three steps are involved: 

adsorption of reactants, reaction and desorption of products. To simplify the mathematical 

analysis, it is common to assume that one step in the reaction is the rate-determining or 

rate-controlling. This can be the rate of adsorption of one reactant, the rate of a surface 

reaction between adsorbed species or the rate of desorption of a product. The kinetic 
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equations based on this assumption are termed as Langmuir-Hinshelwood (L-H) models 

[108], thereby the reaction is assumed to occur between adsorbed species on the catalyst.  

The L-H expressions require inherently the assumption of a reaction mechanistic 

network; as well as the assumption that only one step is the rate-limiting step while the 

rest are assumed to be in equilibrium. Besides, in this model, it is considered that the total 

number of active sites is maintained constant. The complexity of the L-H expressions 

depends on the assumptions made regarding the mechanism. In general, the L-H kinetic 

expressions have the form represented in Equation 2.1, where the numerator refers to the 

reaction term and the denominator to the effect of adsorption. 

𝑟𝑎𝑡𝑒	 ∝ 	 ()*+,-*.	/0.-12)·(52*6*+7	/12.,)
(058129-*1+	-,2:);

                  ( 2.1) 

L-H model is typical for the triple bond hydrogenation, and the following assumptions 

are commonly considered for the hydrogenation of alkynes: 

• Competitive adsorption of reactants and hydrogen on one type of active site 

This assumption was proposed for the hydrogenation of 2-methyl-3-butyn-2-ol over 

modified Pd/CaCO3 (Bruehwiler et al., 2008) [72], Pd/ZnO structured catalyst (Crespo-

Quesada et al., 2009) [50] and Pd supported over hypercrosslinked polystyrene 

(Nikoshvili et al., 2015) [7]; as well as for the hydrogenation of 2-butyne-1,4-diol over 

Pd nanoparticles (Berguerand et al., 2014) [73] and 1-hexyne over Pd on active carbon 

fibres (ACF) (Semagina et al., 2007) [109]. 

Non-competitive adsorption approximation, i.e. two different active sites, was 

suggested by Vernuccio and colleagues for the solvent free hydrogenation of 2-methyl-3-

butyn-2-ol using Lindlar catalyst [53] and Pd/ZnO catalyst [96]. This is justified by the 

high surface coverage by the organic due to the lack of solvent whereas the hydrogen 

surface coverage is lower. 
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• Dissociative weak adsorption of hydrogen  

This theory is well stablished for the hydrogenation of alkynes and alkenes over Pd metal 

group [7, 50, 96, 110, 111]. Therefore, based on this assumption and the observed reaction 

rate towards hydrogen, the rate-determining step can be chosen.  

Generally, for the hydrogenation of alkynes and alkynols, the observed dependency of 

rate on H2 pressure is first order [53, 72, 73, 112]; therefore, the addition of the first 

hydrogen atom is considered to be in quasi-equilibrium, whereas the addition of the 

second hydrogen atom to the half-hydrogenated organic specie is the rate-determining 

step. 

For the hydrogenation of 1-hexyne over Pd/ACF, Semagina et al. (2007) [109] applied 

a non-dissociative weak adsorption of hydrogen approach in order to explain the observed 

negative order towards 1-hexyne. On the other hand, Betti and coworkers (2019) observed 

a negative reaction order with respect to H2 in the hydrogenation of 3-hexyne over W-

Pd/Al2O3, indication of strong interaction between hydrogen and the active sites; therefore 

the best model considered the adsorption of 3-hexyne as the rate-determining step [66]. 

• Bimolecular reaction between the adsorbed species 

This situation happens when two adsorbed molecules are formed for each reactant 

molecule dissociated, widely reported for the hydrogenation of alkynes and alkynols over 

Pd-based catalysts, see for examples, hydrogenation of 1-hexyne over Pd/ACF [109]; 

hydrogenation of 2-methyl-3-butyn-2-ol on Lindlar [72] or Pd/ZnO [50] catalysts. 

A detailed investigation of the hydrogenation mechanism and kinetics for the chosen 

compound is carried out in Chapter 4.  
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2.1.6 Mass transfer limitations in liquid phase 

Efficiency and productivity of a hydrogenation process depends on the intrinsic 

activity and selectivity of the catalyst but it is often restricted by limitations in mass 

transfer [113], especially in multiphase hydrogenation reactions where diffusion 

problems are encountered due to the presence of liquid and gases [9, 10]. In these cases, 

and because of the low solubility of H2 in liquids, gas concentration at the surfaces of 

catalyst is generally low, thus selection of reaction conditions avoiding mass transport 

limitations is crucial for this type of reactions. 

For the case of the hydrogen transfer in a gas/liquid/solid system, H2 diffuses from the 

gas phase through the gas/liquid interface to the liquid bulk and from the liquid phase 

though the liquid film surrounding the catalyst particle to the catalyst surface and the 

pores, as represented in Figure 2.3. 

  

Figure 2.3 Hydrogen concentration profile under mass transfer limitations [114]. 

Legend: I is gas phase, II is interphase G/L, III is bulk liquid, IV is interphase L/S and V 

is solid phase. 
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The dependency of a hydrogenation process on mass transport is based on the necessity 

of a driving force, i.e. concentration gradient, for it to occur. Mass transport is explained 

by Fick’s Law, stating that the rate of diffusion is proportional to the surface area and 

concentration difference and inversely proportional to thickness of layer, as follows: 

𝑵𝑯𝟐 = −𝑫′𝒂
𝒅𝑪𝑯𝟐
𝒅𝒚

       ( 2.2) 

In this Equation 2.2, 𝑁HI is the rate of diffusion of hydrogen through a plane in the y 

direction, a is the area of the plane, 𝐶HI corresponds to concentration of hydrogen and D’ 

represents the diffusivity, also called diffusion coefficient, expressing the minus sign as 

the mass transport takes places from regions of high concentration to regions of low 

concentration.  

Considering that Film Theory applies to this specific system (Figure 2.3), i.e. the 

interface is idealized as a hypothetical film and the mass transfer coefficient (k) is 

proportional to the diffusion coefficient (D), Equation 2.2 can be written as follows: 

𝑵𝑯𝟐 = 𝒌𝒂∆𝑪𝑯𝟐       ( 2.3)                                                                                  

Assuming steady-state, i.e. there is no accumulation of hydrogen in the system, i.e. 

𝑁HI = 𝑁HI(M) = 	𝑁HI(N), the rate of diffusion of hydrogen in Equation 2.3 can be 

expressed as follows (Equation 2.4): 

𝑵𝑯𝟐 = 𝒌𝑳𝒂P𝑪𝑯𝟐
∗ − 𝑪𝑯𝟐(𝑳)R = 𝒌𝑺𝒂𝑺P𝑪𝑯𝟐(𝑳) − 𝑪𝑯𝟐(𝑺)R  ( 2.4)                     

When operating at unchanged pressure and temperature, 𝐶HI
∗ , representing the 

equilibrium concentration of hydrogen in the liquid film given by the solubility of 
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hydrogen in the liquid phase (Appendix A), remains constant and 𝑁HI reaches a 

maximum at an optimal value of 𝑘M𝑎, the so called volumetric mass transfer coefficient. 

This illustrates the importance of mixing in reactors since it controls the mass transfer.  

The gas film resistance in the gas/gas interphase can be neglected due to the use of 

pure H2 in the course of this thesis investigation. The liquid film resistance in the 

gas/liquid interphase can be minimized by increasing 𝑘M𝑎 and so the bulk fluid is 

saturated in hydrogen.  

2.1.7 Conclusions 

Heterogeneous catalysis involves reactions of two or three phases, as reviewed in this 

section. Three phase catalytic hydrogenation is one of the key process used for the 

production of many products with high selectivity and high degree of conversion, even at 

mild temperature and pressure conditions [115]. Therefore, the model reaction chosen for 

this thesis work is the three-phases selective hydrogenation of alkynol (3-butyn-2-ol) to 

produce the corresponding alkenol, key building block in agri-food, pharmaceutical and 

flavour sectors [52, 116, 117], over Pd/Al2O3 since Pd exhibited high selectivity and 

activity, supported over alumina due to its reported stabilization characteristics. 

2.2 Multiphase catalytic reactors 

2.2.1 Type of operation: batch and continuous 

Batch process consists of one or more consecutive steps, where a defined amount of 

product is produced at the end of the cycle, which is repeated in order to produce another 

batch. Whereas continuous operation involves a sequence of operation units with no 

intermittent processing, i.e. each unit operates at a steady state with continuous flow in of 

material and products out. Table 2.5 highlights the characteristics of each type of 



 

20 

operation in terms of process control, design, safety and intensification; as well as other 

features such as reaction throughput or costs. 

Table 2.5 Batch and continuous production features [119, 120] 

 
Features Batch Continuous 

Production 
Discontinuous, intermediate 
storage from one step to the next 
(hold times) 

Continuous, hold times are 
eliminated and product quality 
increased due to elimination of 
possible degradation over time 

Process control 

Off-line analysis (for in-process 
control) 

Quality and uniformity tests from 
batch-to-batch are required 

Accurate, real-time monitoring and 
control via process analytical 
technology (PAT)  

Low batch-to-batch variations due 
to steady state operation, i.e. 
constant quality and uniformity of 
the desired product  

Excellent and fast reaction 
screening, optimization and 
automation. 

Excellent yields and selectivity due 
to optimization of reaction 
parameters. 

Process design 

Relatively basic design, as each 
process step acts as a one isolated 
unit, without disruption of 
downstream units  

Complex process design and 
control required to ensure desired 
product specifications 

Process safety Excellent operation safety due to 
decades of experience  

Reduced safety hazards due to 
reduction of the amount of reagent 
required  

Reaction 
throughput 

Moderate throughput of a 
chemical reaction  

High throughput per unit and per 
unit time 

Process 
intensification 

Large equipment and space 
required 

Small equipment and space 
required 

Smaller footprint reactor due to the 
lack of intermediate storages steps 

Downstream  Downstream corrective steps 
likely required 

Reduction in the number of 
downstream corrective steps due to 
constancy in material 
characteristics, i.e. reduction in 
processing time (and costs) 

Applications Versatile, widespread use  Specific design for each process 

Costs 
Reduced technology costs, low 
energy costs due to intermittent 
operation, high storage costs 

High initial investment, reduced 
unit cost 

Materials 
flowability 

Reduced importance of solid 
flowability 

Solids flowability is of high 
importance due to the nature of the 
operation (continuous flow) 
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Continuous processing offers many advantages, not only increased productivity, better 

controllable and reproducible processes, but also saving in costs, energy and time. 

Particularly, the benefits of the transition from batch to continuous are demonstrated by 

the following figures [118]: 

• Plant footprint reduction by 70% 

• Capital Expenditure (CapEx) reduction by 25% 

• Operating cost reduction by 30% 

• Yield improvement by 10% 

• Sustainability: CO2 savings of 50% or more 

2.2.2 Catalytic reactors 

There are mainly two types of reactors for heterogeneous multiphase hydrogenation, i.e. 

packed bed (A, B, C) and slurry reactors (D, E, F) (Figure 2.4). The packed bed reactors 

refer to stationary catalyst packed in a bed with continuous flow of gas into either 

dispersed liquid phase (tickling liquid as in trickle-bed reactor) or through a continuous 

liquid phase (bubble flow as in fixed-bed reactor); whereas the slurry reactors are 

characterized by mobile catalyst particles that are suspended in a continuous liquid phase 

with the reactive gas being dispersed. Besides, within the classification of packed bed 

reactors, structured catalyst supported in monoliths channels are found. This type of 

reactors, so called monolith reactor, benefits from the slug flow, i.e. gas bubbles flowing 

in the continuous liquid phase and filling the channel cross area, and has been used for 

the last 30 years [121]. All the various designs and operation modes pursue the same goal: 

to enhance the contact between the hydrogen (gas), the catalyst (solid) and the reactant/s 

(liquid phase).  
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Figure 2.4 Multiphase catalytic reactors (G: gas, L: liquid) [114] 

 

2.2.3 Fixed bed reactors 

The Trickle Bed Reactor (TBR) is characterized by the downward trickling of a liquid 

reactant and the co-current or counter-current movement of a gaseous reactant flowing 

through a fixed bed of catalyst as shown in Figure 2.5. This arrangement allows control 

of the product quality by operating at plug flow for gas and liquid phases due to immobile 

catalyst bed, unlike fluidized and stirred reactors [122]. At high flow rates, gas-liquid 

mass transfer limitation can be observed because of the gas channelling, which decreases 

the gas/liquid interface and, without liquid recycling, there is heat transfer limitation 

within the bed [123, 124]. At low liquid velocities, reactor performance suffers from 

insufficient wetting of the catalyst caused by the wrong design of the liquid distributor or 

the inadequate ratio reactor/particle size, resulting in a low mass transfer area [125]. 

Besides, fluid poor circulation creates channels and bypasses, leading to catalyst 

deactivation and reduction of selectivity caused by the formation of hotspots [126, 127]. 
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Figure 2.5 Trickle bed reactor. (a) trickle bed reactor with cocurrent downflow, (b) 

trickle bed reactor with countercurrent flow [128] 

 

A positive feature of this configuration is the lack of moving parts that reduces catalyst 

attrition [129], although TBR causes high pressure drops as compared with the monolith 

arrangement [130]. Exorbitant pressure drops can be avoided by reducing the gas/liquid 

velocities; however, this leads to mass transfer limitations. In general, this reactor is 

operated adiabatically [131]. Scaling this reactor is not straightforward because the 

variation in superficial velocity to achieve the same residence time between laboratory 

and production scale, which is not linear and not well defined [132].  

TBR is one of the most used reactors in industry for three-phases reactions, widely 

employed in the petroleum and petrochemical industries as reported by Meyers in his 

book [133], it has seen a recent development in the biochemical, electrochemical and 

waste treatment industries. Table 2.6 summarizes some examples of three-phase 

reactions carried out in TBR. 
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Table 2.6 Applications of TBR for three-phases reactions 

 
Processes Ref. 

Petroleum refining processes in TBR (Meyers, 1996):  

desulfurization for the production of low-sulfur fuel oils 

production of fuel for extremely cold conditions by catalytic dewaxing of 

lubestock cuts 

sweetening of diesel, kerosene, jet fuels, heating oils 

hydrocracking for production of high-quality middle-distillate fuels 

hydrodentrification 

isocracking for the production of isoparaffin-rich naphtha 

production of lubricating oils 

[133] 

Biological methanation (Strübing et al., 2017), biomethane production from 

biological biogas upgrading (Rachbauer et al., 2016) 
[134, 

135] 

Catalytic hydrotreating (HDT) of oil fractions: 

Hydrodesulfurization of diesel fractions (Bhaskar et al., 2004) 

Hydrodenitrogenation and hydrodemetallization of crude oil (Jarullah et al., 2011)  

[136, 

137] 

Heterogeneous catalytic reactions: 

1-octene hydrogenation and isomerization (Sederman et al., 2005) 

Selective hydrogenation of citral (Wörz et al., 2011) 

Hydrogenation of dicyclopentadiene (Liu et al., 2008) 

[138-

140] 

Fermentations (Devarapalli et al., 2016) [141] 

Catalytic wet oxidations for wastewater treatment: 

Pulp and paper effluents (An et al., 2001) 

Phenol (Maugans and Akgerman, 2003), (Eftaxias et al., 2003) 

[142-

144] 

 

2.2.4 Structured catalyst reactors  

Catalytic monolithic reactors (MR) require deposition of the catalyst in a washcoat, as 

displayed in Figure 2.6, of the same thermal expansion as the monolith wall to avoid any 

crack [145]. The shape and size of the channels along with the thickness and 

porosity/microsctructure of the monolith wall and catalytic layer varies according to the 

specifications of each process.   



 

25 

 
 
 

Figure 2.6 Representation of the catalyst in a honeycomb monolith reactor [146] 

 

MR can achieve higher volumetric productivity with less catalyst [147] and increased 

product yield [148] than TBR. The improved performance of MR relative to TBR is due 

to lower diffusional resistance, large geometrical surface area, high mass transfer 

coefficient and reduced pressure drop [149, 150]. In most of the cases, full conversion is 

not achieved in a single pass because MR is operated at higher superficial velocities than 

TBR [130]. The catalyst loading per unit reactor volume is lower than in TBR and a higher 

loading requires increased washcoat thickness that can affect catalytic activity and 

selectivity [145].  

On the other hand, this reactor configuration is costly if the catalyst shows a notable 

loss of activity and possibly selectivity, i.e. it deactivates quickly, requiring frequent 

replacement [122] and presents difficulties in the distribution of the fluid (whether it is 

gas or liquid) throughout the reactor’s cross-section, worsening at high flow rates. 

Monolith reactor were first applied in the 1970s for the removal of NOx, CO and 

hydrocarbons from the exhaust fumes in the automobile industry [151], for that, it is 

widely used in environmental applications in gas phase [152]. Despite the many 

advantages that MR presents, it is its adiabatic nature, limiting the control of temperature, 

that prevents the expansion to other application areas such as exothermic/endothermic 

chemical and petroleum reactions, where the selectivity is controlled by temperature. 

However, it was successfully commercialized for the production of hydrogen peroxide 
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via hydrogenation of alkyl anthraquinone [153, 154], as well as for the production of 

purified terephthalic acid (PTA) by hydrogenating a crude terephthalic acid [155]. 

 Besides, other applications in liquid phase selective hydrogenation at laboratory scale 

are reported, including cyclohexene, 1,5-cyclooctadiene, 3-hexyn-1-ol and 

benzylideneacetone [156], benzene to cyclohexene [157], 2-butene-1,4-diol [158]; as well 

as at pilot scale: selective hydrogenation of 3-methyl-1-pentyn-3-ol [2], styrene [159], a-

methylstyrene [160] and benzaldehyde [161]. 

2.2.5 Slurry reactors 

The Stirred Tank Reactor (STR) is composed of a cylindrical tank fitted with an impeller 

that plays a dual role of keeping solids suspended in the liquid phase as well as dispersing 

gas as bubbles [162]. It is commonly operated in batch or semi-batch due to operation 

simplicity. Catalyst particles in the range of micrometre scale (20-250 µm [125]) are used 

in order to avoid possible intraparticle diffusion limitations, enhancing thus the catalytic 

response. However, this leads to abrasion and further downstream complications when it 

comes to particles separation or recovery.  

Nevertheless, mass transfer and/or heat transfer limitations are observed in this type of 

reactor, impacting on operations by reducing productivity and affecting both rate and 

selectivity [163]. In addition, gas channelling (so called impeller flooding), as represented 

in Figure 2.7, results in reduced gas dissolution and poor bulk mixing; hence, limiting its 

areas of application. These problems are especially severe during the scale up, requiring 

longer batch times and reduced yields [125].  
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Figure 2.7 Flow patterns in STR depending on the mixing (N) and the gas flow rate 

(Qg) [164] 

 

Despite the disclosed disadvantages, STR is possibly one of the most employed reactor 

types in the production of fine chemicals, pharmaceuticals and other areas. Typical 

examples can be found in Table 2.7. Slurry batch reactors have broadly been used for 

selective hydrogenation reactions in the production of organic intermediates due to their 

high flexibility, Kelsen et al. [165] presented an exhaustive study for alkenes, alkynes, 

ketones, aldehydes and imines such as 1-octene, phenylacetylene, acetophenone, 2-

butanone, benzaldehyde and N-(1-pehnylethylidene)aniline, among others, or 2-butyne-

1,4-diol to 1,4-butanediol [166]. 

Hydrogenations in industrial STRs are typically performed in a “dead-end” reactor 

configuration (Mode B, Figure 2.8). In this case, the gas is introduced from the bottom 

via a dip-tube, bubbling directly into the liquid phase. Chaudhari et al. [172] reported 6-

fold higher kLa than if the gas was directly introduced into the free gas space (Mode A, 

Figure 2.8).  

 

Completely dispersedFlooded Partially dispersed
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Table 2.7 Applications of STR for three-phases reactions 

 
Processes Ref. 

Hydrodesulfurization in the synthesis of herbicides:  

2-methylthiomethyl-6-trifluoromethylaniline to 2-trimethyl-6-

trifluoromethylaniline with Co-Mo catalyst and toluene as solvent  

[167] 

Fischer-Tropsch synthesis:  

Synthesis of paraffin wax over Fe-based catalyst  

[168] 

Anti-inflammatory pharmaceutical Ibuprofen production:  

4-isobutylacetophenone (IBAP) to 1-(4’-isobutylphenyl)ethanol (IBPE) in the 

presence of Pd/C or Raney Nickel catalysts  

[169] 

Reductive amination for the production of detergents:  

Long-chain C14 unsaturated, branched alkenals to long-chain C14 saturated, 

branched amines in the presence of hydrogen and dimethylamine, catalyzed by 

Pd/C  

[170] 

Production of biomass-derived PET (the most used polymer in the world): 

Synthesis of PTA via Diels-Alder dehydration reaction of ethylene with the fully 

oxidized 5-hydroxymethylfurfural (HMF), a biomass-derived furan  

[171] 

 

 

Figure 2.8 Schematic setup for hydrogen supply in STR[172] 

DIP-TUBE

Operation Mode A
(without dip-tube)

Operation Mode B
(with dip-tube)
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In addition, from literature, two methods of suppling the gas are reported:  

• continuous gas flow [35, 98, 173-180]  

• gas-on-demand [72, 111, 112, 181-183] 

In the former, hydrogen gas flows into the reactor continuously. For the latter, gas is 

supplied whenever the pressure within the reactor decreases due to the consumption of 

gas reactant, which has mainly been used in industrial productions and is also chosen for 

this thesis work. Comparison of both methods was investigated and reported in Chapter 

4. 

2.2.6 Catalyst deactivation 

 

Figure 2.9 Catalyst deactivation mechanisms [184] 

 
 

The decrease of catalytic activity and/or selectivity over time, i.e. catalyst deactivation, 

is a phenomenon that affects industrial catalytic processes. This loss, in industry, is 

translated as increased operation costs and decreased process efficiency. Knowing the 
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deactivation time, i.e. time at which the catalyst activity has decreased to an impractical 

value, is important for catalyst replacement or reactivation, when possible. Having said 

that, catalyst deactivation is of great consideration and the deactivation mechanisms are 

well known. The catalyst deactivation mechanisms can be divided in five groups, as 

represented in Figure 2.9. 

a) Poisoning  

Deactivation by poisoning is characterized by strong adsorption of impurities. 

Reactants/products adsorption can also be considered as poisoning, where the adsorption 

of compounds with low adsorbing capacity is hindered by compounds with strong 

adsorbing characteristics. In this case, the poisoning is commonly known as competitive 

adsorption and has to be taken into account in the kinetic model. Selective poisoning can 

be seen as a tool to enhance selectivity, a well-known example is the Lindlar catalyst, 

where Pd/CaCO3 is poisoned by lead.  

Poisoning is a common catalyst deactivation mechanism since adsorption is a fast 

process, enhancing the presence of impurities or reactants/products/by-products 

molecules in the catalyst surface. It can be reversible or irreversible. 

b) Leaching 

The catalyst deactivation by leaching is produced by the loss of catalytic metal. This 

loss can be caused by direct solubilization in the liquid medium of components present in 

catalysts such as metal oxides, hydroxides and carbonates, which are slightly soluble in 

water [185]; or by chemical reaction between the catalyst and the solvent or bases/acids 

in the liquid medium forming soluble species, for example some oxides can form soluble 

hydroxides in the presence of water [186], or soluble salts are formed when working with 

metal oxides and sulfuric, nitric or hydrochloric acids as well as metal recovery from 

catalysts is commonly used by means of leaching under basic medium [187]. Hence, 
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leaching relies upon the reaction’s presence of ions, oxidation potential, pH and 

temperature [188]. 

Leaching can be prevented by avoiding hydrogen starvation conditions [189-191] and 

by using reduced metallic states of the catalytic metal, since the solubility of metals (e.g. 

Pd0) is lower than that of the oxidized forms (e.g. Pd2+) [192, 193]. The former is improved 

by reactor designs where the mass transfer of gas in the liquid is promoted, by increasing 

the pressure, by using lower catalyst amount for the reaction or by reducing the active 

metal loading in the catalyst; the latter can be prevented by pre-reduction of the oxidized 

metal before carrying out the hydrogenation reaction. 

c) Sintering  

Sintering is caused by thermal degradation, leading to growth of active metal 

crystallite. Sintering is a temperature dependent process, especially that at the melting 

point (Tmelting), as the atoms’ mobility increases at increased temperature. An indication of 

when sintering occurs is given by Hütten and Tamman temperatures (Equation 2.5 and 

2.6, respectively). When Hütten temperature is reached, the atoms at the defect positions 

start moving and, once Tamman temperature is approached, mobility appears in the atoms 

at the bulk. 

𝑻𝑯ü𝒕𝒕𝒆𝒏 = 𝟎. 𝟑	𝑻𝒎𝒆𝒍𝒕𝒊𝒏𝒈      ( 2.5)  

𝑻𝑻𝒂𝒎𝒎𝒂𝒏 = 𝟎. 𝟓	𝑻𝒎𝒆𝒍𝒕𝒊𝒏𝒈     ( 2.6)  

Ceramic supports, as it is the case of alumina or silica, are often used in metal catalysts 

due to their thermostability, i.e. elevated melting point temperature, hence, high Hütten 

and Tamman temperatures. 
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d) Fouling 

Fouling is the result of the catalyst surface being covered by deposits. The deposition 

can be caused by carbonaceous species (also known as coking), dust or even undesired 

by-products. The layer created prevents the access to the active site, thus reducing the 

catalytic activity.  

Catalyst deactivation by formation of coke can be minimized by gasifying the adsorbed 

carbon with O2 or H2 to CO/CO2 or to CH4, respectively [194]. 

e) Attrition 

The catalyst deactivation is caused by loss of catalytic material due to attrition or 

abrasion. The mechanical strength of a catalyst is influenced by the catalyst shape and 

porosity, being the spherical and microporous catalyst the most favourable ones.  

Mechanical degradation is very important in packed bed reactors, even though if 

attrition is low, the fine particles could promote pressure drops and eventually block the 

bed.  

2.2.7 Conclusions 

The comparison between the reactor designs in Table 2.8 indicates that each reactor 

has its advantages and disadvantages; MR and STR possess the advantages that small 

catalyst particles bring, while the particle separation is favoured in TBR. Other obstacle 

that conventional reactors have is the imprecise control of heat and mass transfer during 

the processes at laboratory, pilot and industrial scale [124]. All the drawbacks presented 

by conventional reactors contribute to longer reaction times, high operation costs and low 

productivity. Therefore, there is the necessity of finding an alternative reactor design that 

can solve some or all the above problems. In this thesis, the oscillatory baffled reactor 
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(OBR) is proposed. Additionally, the benefits from batch to continuous operations are 

outlined previously. For this reason, one of the main aims of this project is to move from 

batch to continuous operation.  

Table 2.8 Comparison of reactors [124, 146, 195] 

 

Feature 

Reactor design 

Trickle-bed reactor Monolith reactor Stirred tank slurry 
reactor 

Energy input High, pressure drop Low Medium, stirring 

Catalyst efficiency 
Low, large particle 
required due to 
pressure drop 

High, thin active 
layer High, small particles 

Pressure drop High Insignificant Small 

Mass transfer 

Internal: bad-good 
L/S: fair (large 
stationary particles) 
G/L: fair (sufficient 
G/L interaction) 

Internal: good 
L/S: fair (thin active 
layer) 
G/L: good 
(segmented slug 
flow, thin liquid 
film) 

Internal: good 
L/S: good (small 
particles in 
suspension) 
G/L: moderate 
(larger bubble size) 

Heat transport 
Low-moderate 
(recycling) 

Low-moderate 
(low thermal 
conductivity ceramic 
monoliths) 

Fair 

Catalyst separation Easy Unnecessary Costly (filtering 
necessary) 

Catalyst loading High Low-moderate Low-moderate 

Catalyst replacement Difficult Difficult 
Easy, continuous 
exchange during 
operation 

Experience High 
Two phases: 
extensive; 
multiphase: limited 

High 

Scale-up 
Hydrodynamics: 
medium 
High pressure: fair 

Hydrodynamics: 
relatively easy 
High pressure: costly 
(if catalyst 
deactivation) 

Hydrodynamics: 
difficult 
High pressure: costly 
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2.3 Oscillatory baffled reactor 

2.3.1 Introduction 

Oscillatory baffled flow has extensively been investigated for the past 50 years since it 

was firstly examined in 1970 [196]. The idea was based on the studies of oscillatory flow 

by Van Dijck [197] in the 1930’s in a pulsed sieved column and by Karr [198] in the late 

1950’s in a reciprocating plate column for extraction. It was Bellhouse et al. [199] who 

introduced the concept of burrowed channels for a membrane oxygenator in the 1970’s. 

The vortex patterns created by pulsatile flow proposed by Bellhouse was later 

characterized by Sobey et al. [200, 201]. At the same time, Knott and Mackley [202] used 

flow visualization techniques to conclude that mixing was enhanced using sharp edges 

due to the formation of vortices. 

The first mention in literature to what it’s currently known as oscillatory baffled 

reactor (OBR) arose in the 1980’s by Mackley [203]. It was composed by a tube with 

periodically spaced baffles in which oscillatory flow was induced and, thus, mixing was 

created. This type of mixing was evaluated by Brunold et al. [204] where the generation 

and cessation of eddies was responsible for the high mixing efficiency. Dickens et al. 

[205] also studied the mixing efficiency in continuous flow and observed near plug flow 

conditions, i.e. enables performing processes with long residence times in relatively short 

length reactor that, otherwise, it would be unfeasible. Further investigations were carried 

out in the 1990’s, the following were assessed: the effectiveness of the OBR’s 

performance in terms of heat transfer [206-208], mass transfer [12-14], residence time 

distribution [209-211] and scale-up [212-215]. These have paved the ways for the use of 

OBR in industrial processes such as bio-processing production [216-219], particle mixing 

and suspension [220], crystallization [221-224] and synthesis [225-228], in particular 

catalysis [229-233], which is the most relevant to the investigation carried out in this 

thesis. 
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2.3.2 Mixing in an OBR 

In contrast to STRs and conventional tubular reactors which rely on stirring mechanisms 

and turbulent flow conditions for mixing respectively [234], the OBR uses the 

combination of oscillations in the presence of orifice baffles to produce vortices as mixing 

mechanism. These are formed in each inter-baffle zone along the entire length of the 

reactor. The mixing intensity can be controlled by changing the oscillating conditions, 

which in turn affects the size and frequency of vortex formation. Figure 2.10 illustrates 

the formation of vortices during the up and the down stroke of one oscillation. Vortices 

are formed in the furrows during acceleration and are forced into the mainstream flow 

during flow reversal. The uniform mixing created within each inter-baffle cavity is caused 

by the strong radial velocities, of the same order of magnitude as the axial velocities [210]. 

One of the advantages of OBR is that the reactor scale-up is linearly, reporting better 

efficiency at larger size due to enhanced chaotic mixing at larger diameter, as reported by 

Ni et al. (2000) when comparing a bench scale OBR (50 mm) with a pilot scale one (380 

mm) [235].  

 
 
 

Figure 2.10 Vortex formation in an OBR created by oscillatory flow. (a) Up stroke, (b) 

Down stroke[217] 

mainstream flow

furrow

inter-baffle zone
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2.3.3 Geometrical parameters 

In OBR, fluid mechanics are described by two types of parameters: geometrical 

parameters and operational parameters. Heat and mass transfer efficiency are maximized 

by controlling the vortex formation, i.e. when mixing conditions are optimized. For that, 

it is essential to understand the geometry of this reactor. Figure 2.11 shows the main 

geometrical parameters for the design of an OBR: baffle spacing (L), baffle thickness (d), 

reactor diameter (D) and baffle orifice (do); being the baffle free area ratio (a) defined as 

(do/D)2. 

 

Figure 2.11 Geometrical parameters for OBR 

 

Baffle spacing (L) defines the shape and length of the vortex, i.e. controls the 

generation and propagation of eddies. Vortices need suitable room for developing and 

spreading along the inter-baffles area in order to obtain an effective and uniform mixing. 

Therefore, baffle spacing must be optimized [236, 237]. Two situations can be 

encountered: a) optimum baffle spacing, in this case the vortices are generated and 
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propagated creating a uniform mixing, b) non-optimum baffle spacing, the baffles are 

either too close to each other where vortices are unable to expand due to collision with 

the baffles or too far apart where eddies are dispersed without connection, losing the eddy 

current, hence mixing. Non-optimum baffle spacing situations lead to poor mixing and 

stagnant areas. Baffle spacing normally ranges from 1 to 2 times the reactor diameter 

[238]; Brunold et al. (1989) investigated the flow patterns using visualization methods 

concluding that the optimum was L = 1.5D [204]. Later, Ni et al. (1996) determined the 

mass transfer coefficient in an air-water system at different baffles geometries achieving 

optimum mixing at L=1.8D [212]. In literature, an optimum baffle spacing of 1.5 times 

the reactor diameter is the most commonly used.  

Baffle open area (a) controls the vortices width. In the optimum, the eddies cover a 

great part of the inter-baffle section reaching the reactor walls creating, thus, effective 

radial mixing conditions. Baffle open area is chosen by optimizing the mixing and the 

frictional losses, i.e. maximum and minimum, respectively. It usually takes a value 

ranging from 10 < a < 50%. Gough et al. (1997) determined that if the baffle orifice is 

too big, flow channelling was observed leading poor mixing; on the contrary, if the baffle 

orifice is too small, small eddies were formed with higher shear and increased pressure 

drops.  It was concluded that the mixing time was minimized for 20 < a < 22% [237]. Ni 

et al. (1998) also confirmed the optimal baffle open area ranging between 20-22% in their 

mass transfer study [236].  

Regarding baffle thickness (d), several studies conducted by Ni et al. [236, 239] and 

Brunold et al. [204] concluded that the optimum thickness was 2-3 mm, with thicker 

baffles resulting in deformation of the vortices. 

2.3.4 Operational parameters 

Mixing in OBR is governed by two dimensionless parameters: the oscillatory Reynolds 

number (Reo) and the Strouhal number (St) as described in Equation 2.7 and 2.8, 

respectively.  
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𝑹𝒆𝒐 =
𝟐𝝅𝒇𝒙𝒐𝝆𝑫

𝝁
        ( 2.7) 

 
𝑺𝒕 = 𝑫

𝟒𝝅𝒙𝒐
         ( 2.8) 

where f is the oscillatory frequency (Hz), xo is the amplitude of oscillation from centre to 

peak (m), r is the fluid density (kg m-3), D is the reactor diameter (m), µ is the fluid 

dynamic viscosity (kg m-1 s-1). 

The oscillatory Reynold number (Reo) describes the mixing intensity, where (2pfxo) 

represents the maximum oscillatory velocity (m s-1). Unlike in conventional unbaffled 

tubular reactors, where the transition stage is achieved at Re = 2100 [240], flow separation 

takes place in OBRs at Reo = 50-100 since the flow is dominated by symmetrical vortices 

[241, 242]. At higher Reo than 300, the symmetrical vortices are broken resulting in a 

turbulent and chaotic mixing [243]. A wide range of Reo can easily be obtained in situ by 

changing oscillatory frequency (f) and amplitude (xo).  

The Strouhal number (St) describes the effectiveness of vortex propagations in the 

baffled reactor [244-246]. It represented by the ratio reactor diameter to oscillation 

amplitude, i.e. St is inversely proportional to xo. If St is too high (> 0.2), the eddies 

propagation is inefficient resulting in poor mixing, otherwise, if St is low (< 0.13), intense 

eddies are created favouring their propagation throughout adjacent inter-baffles areas and, 

thus, enhancing mixing within the reactor [247].  

For continuous operation, the net flow Reynolds number (Ren) is also relevant, 

described in Equation 2.9: 

𝑹𝒆𝒏 =
𝒖𝝆𝑫
𝝁

        ( 2.9) 
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where u is the fluid velocity (m s-1). The ratio between the two Reynolds numbers allows 

the calculation of a velocity ratio (Y) (Equation 2.10). The oscillatory mixing should 

dominate, i.e. the velocity ratio should be always greater than 1, ensuring therefore that 

the flow is fully reversal and intense mixing is promoted. 

Y = 𝑹𝒆𝒐
𝑹𝒆𝒏

         ( 2.10) 

2.3.5 Power consumption  

Power consumption is used as a basis for comparison between different devices with 

different mixing mechanisms. Power consumption, also known as power density or power 

dissipation rate, represents the amount of power dissipated into liquid or power received 

by liquid per unit volume. For an OBR device, it is defined via Equation 2.11 as 

𝑷
𝑽
= 𝟐

𝟑
𝑵𝒃𝝆
𝝅𝑪𝑫𝟐

𝟏o𝜶𝟐

𝜶𝟐
𝒙𝒐𝟑𝝎𝟑        ( 2.11) 

where P/V is the power dissipation rate per volume (W m-3), Nb the number of baffles per 

unit length in OBR (m-1), α the ratio of the effective orifice area to the tube area, r the 

density of the fluid (kg m-3), xo the oscillation amplitude (m), ω the angular oscillation 

frequency (radians s-1), CD the orifice discharge coefficient (taken as 0.7), D the reactor 

diameter (m) and do the baffle diameter (m). 

Several investigations comparing OBR with stirred tank devices led to the same 

conclusion that OBR represents an energy efficient reactor platform for mass transfer in 

gas and liquid systems [12, 13], as well as, more specifically, for enzymatic 

saccharification of pure α-cellulose to glucose, where maximum conversion was reported 
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by Abbott et al. [216] at a reduction in power consumption of approx. 95% in OBR 

compared to STR, later confirmed by Ikwebe et al. [218] for the same synthesis. 

Besides, Ni et al. [235] compared a silicone oil-water system in a laboratory scale OBR 

(50 mm diameter) with a pilot scale one (380 mm) and concluded that the power 

consumption didn’t increase when scaled-up, a unique feature of this reactor.  

2.3.6 Mass and heat transfer  

Mass transfer constitutes a key factor for processes involving gas/liquid phases. 

Therefore, it is beneficial to have high rates of mass transfer. In order to increase this rate, 

it can be done by either increasing the concentration driving force or the volumetric mass 

transfer coefficient (kLa). The former would imply to increase the solubility of the gas in 

the liquid by increasing the pressure in the system; the latter is associated with mixing 

capability and efficiency.  

Hewgill et al. [12] compared the volumetric mass transfer coefficient as a function of 

power density for an oxygen-water system in a baffled tube and a stirred tank leading to 

a six-fold increase in kLa in OBR compared to STR. Similar kLa increment was reported 

by Ni and Gao [13]. In an oxygen-yeast system, 75% higher kLa in an OBR than that in a 

STR was reported at the same aeration rates and power density [14, 15]; in an ozone-

water system, 3 to 5 times higher kLa in OBR compared to bubble column was published 

by Al-Abduly et al. [16]; in aerobic fermentation of ethanol from glucose using yeast, 

OBR presented an 83% increase in biomass compared to STR [18] and in the production 

of pullulan, similar amount of increase in polysaccharide was obtained at half the process 

time in the OBR compared to the STR [19]. The improved kLa values were obtained due 

to uniform reduced bubble size, prolonged residence time and increased gas hold-up [17].  

In term of heat transfer, several studies were carried out in continuous [206, 207] and 

batch systems [208]. Mackley and Stonestreet (1995) proposed a correlation (Equation 
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2.12) between the heat transfer coefficient (Nusselt number, Nu), the net flow Reynolds 

number (Ren) and the oscillatory Reynolds number (Reo) as follows: 

𝑵𝒖 = 𝟎. 𝟎𝟎𝟑𝟓	𝑹𝒆𝒏
𝟏/𝟑𝑷𝒓𝟏/𝟑 + 𝟎. 𝟑	 u 𝑹𝒆𝒐

(𝑹𝒆𝒏v𝟖𝟎𝟎)𝟏.𝟐𝟓
x   ( 2.12) 

Mackley et al. studied the heat transfer coefficient in a tube in the presence and absence 

of baffles and oscillations working in the laminar flow regimes and reported that 5 times 

enhancement was attained in the baffled tube compared to the unbaffled tube and up to 

30 times enhanced Nu when the system was oscillated [207]. Similar improvement in heat 

transfer coefficient was reported in a batch oscillatory baffled column [208]. It is the 

modification in the flow due to the creation of vortices in the presence of baffles and 

oscillations together with significantly increased specific surface areas for heat transfer 

that enhances the heat transfer [206], showing a strong dependency in oscillatory 

frequency and amplitude [238]. 

2.3.7  Solids in OBR 

Many studies have investigated applications involving solids in OBR, such as 

crystallization [248, 249], fermentation [250, 251], polymerization [252, 253] or wax 

deposition [254, 255].  

A study conducted by Mackley et al. investigated particle suspension in an oscillatory 

flow [220], concluded that the suspension depended only on the oscillatory velocity and 

independently of baffle spacing, orifice diameter or particle type. They developed a 

correlation that describes the particle concentration distribution within the OBR 

(Equation 2.13) as: 
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𝜸 = 𝟏 − 𝒆𝒙𝒑 {−𝑹′	 𝒖𝒐𝒔𝒄
𝒖𝒕
~       ( 2.13) 

where g expresses the suspension uniformity: 1 indicating near uniform particle 

concentration and < 1 denotates a particle concentration gradient, R’ is a constant, uosc the 

oscillatory velocity (m s-1) and ut the terminal velocity of the particles (m s-1). The particle 

concentration distribution for the working conditions used in this thesis can be found in 

Appendix B. 

They also observed a disengagement zone, i.e. there is a limiting height (so called 

disengagement height) where particles are suspended above the top baffle. Above this 

zone, no solids were found. This is interesting from the point of view of liquid/solid 

separation, i.e. solids would remain within the baffle area in the reactor and only the liquid 

would leave the system if the outlet was above the disengagement zone. This is relevant 

to the investigation of continuous hydrogenation in the OBR in this thesis.  

2.3.8 Catalysis in OBR 

Taking advantages of enhanced mass transfer and solid suspension described previously, 

OBR technology has been used in catalysis. One of the applications was in the 

liquid/liquid phase-transfer catalysis (PTC) in which the mixing of two immiscible liquid 

phases (organic and aqueous phases) was critical to reduce the interphase. Wilson and co-

workers [230] studied the butylation of phenylacetinitrile and compared the performance 

in batch mode of an OBR (48 mm diameter) and a baffled STR (50 mm diameter), 

reporting a 14% conversion advantage at same power density in OBR [229]. 

OBR was also used for the production of biodiesel via a liquid/liquid alkali-catalysed 

reaction. In an investigation of biodiesel in a meso-OBR [256], i.e. 5 mm diameter and 

340 mm length, using rapeseed oil, methanol and dissolved potassium hydroxide as 

catalyst, it was reported a reaction time of 5 minutes to achieve > 95% conversion 
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compared to 1 hour for commercial biodiesel processes, i.e. the reaction time was reduced 

1/12th [257].  

An example of heterogeneous catalysis in OBR was the solid acid catalysed 

esterification of organic acids by Eze et al. [231] in a mesoscale reactor. Prevention of 

catalyst deactivation due to water accumulation was achieved using continuous flow 

operation, unlike for conventional batch STR [232]. In addition, there were a couple of 

confidential works on hydrogenation of nitroso in the presence of Pt/carbon catalyst 

carried out in OBR [258], but little was on public domain.  

2.3.9 Conclusions 

OBR is used in both laboratory and industrial scales for a wide range of applications due 

to its reported benefits in mass and heat transfer, solid suspension and scale-up simplicity. 

It was also applied for homogeneous liquid/liquid and heterogeneous liquid/solid catalytic 

reactions. However, there is no literature regarding gas/liquid/solid multiphase catalytic 

reactions in an OBR. Therefore, the aim of this thesis is to carry out a systematic 

investigation of gas/liquid/solid catalytic hydrogenation in an OBR at high pressures.  
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 Experimental and Analytical methods 

This chapter describes the configuration of the two reactors used in this thesis as well as 

the materials. In addition, a detail description of the experimental and analytical 

procedures carried out in this investigation is presented.  

3.1 Materials 

The reactant used in this research was 3-butyn-2-ol (97%), procured from the Sigma-

Aldrich. The catalyst was 1 wt. % Pd/Al2O3, acquired from the same manufacturer, and 

sieved into a batch of particle size < 45 μm in diameter. A complete catalyst 

characterization can be found elsewhere [173]. Distilled water was chosen as the solvent. 

Besides, 3-buten-2-ol (97%), 2-butanol (99.5%), 2-butanone (99%) and 1-pentanol 

(³99%), all sourced from Sigma-Aldrich, were used for the gas chromatograph 

calibration.  

3.2 Reactor configurations 

A comprehensive study of a selective hydrogenation in this thesis was carried out in an 

oscillatory baffled reactor (OBR) and in a commercial PARR stirred tank reactor, 

operated in batch for comparison purposes.  

3.2.1 PARR stirred tank reactor 

The commercial PARR 5500 Series (Figure 3.1) reactor comprised of a 100 mL vessel 

(0.117 m tall, 0.033 m internal diameter) manufactured in T316 stainless steel, fitted with 

magnetic T316SS stirrer drive unit. The vessel head was equipped with a gauge adapter, 

a vent needle valve, a check valve 14 bar with viton O-ring, a safety rupture disc (Inconel, 

1000 psi), a gas inlet needle valve, a liquid sampling needle valve and a stirrer drive shaft 

with straight four-bladed impeller. The H2 was supplied via a gas sparge tube and 
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quantified by a gas flowmeter (Bronkhorst), no gas induction system was utilized. An 

internal dip tube with 5 microns sintered filter was used for sampling, which along with 

a thermocouple (J-type) acted effectively as the baffles for mixing. A variable speed 

motor provides the stirring speeds. An aluminium block heater was employed, and the 

temperature was controlled by the Series 4848 Controller.  

 
 

Figure 3.1 Experimental setup of the PARR: a) diagram and b) photo 

 

3.2.2 Oscillatory Baffled Reactor 

The OBR in Figure 3.2 consisted of a jacketed stainless-steel column of 0.016 m internal 

diameter and 1.70 m tall. The baffles were spaced 0.025 m apart with a thickness of 0.002 

m and a free cross-sectional area ratio of 25%. Oscillation was provided by a linear motor 

(NiTech Solutions) placed at the top of the column connected to an outer magnetic ring. 

A set of 42 PFTE baffles was supported by two PTFE rods, which were attached to an 

internal magnet head placed at the top of the column. The coupled movement of the two 

magnets delivered oscillatory mixing at ambient and pressures. The oscillatory frequency 

and amplitude, ranging from 1-5 Hz and up to 12.5 mm (peak-to-center) respectively, can 

be achieved by a programmed control box. Temperature was kept constant by three 

jacketed sections that were connected to water baths and recirculators (Grant). The H2 

was supplied via a tubular-shape sparger at the base of the column and quantified by a 

gas flowmeter (Bronkhorst), no gas induction system was utilized. The pressure within 
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was measured via a pressure gauge. The reactor was secured onto a metal structure to 

minimize mechanical vibrations (shown in Figure 3.2-b). 

 

 
 

Figure 3.2 Experimental setup of the OBR: a) diagram and b) photo. T1, T2, T3 indicate 

the position of the thermocouples. 

 
 

3.3 Experimental procedures 

3.3.1 Catalyst pre-treatment 

The catalyst was activated via a temperature programmed reduction, followed by a 

controlled passivation as represented in Figure 3.3. The temperature in the oven was 

increased from room temperature to 473 K (ensuring reduced palladium nanoparticles, 

see Appendix C) at a rate of 2 K/min, left for 1 hour under hydrogen. Then, the 

temperature was decreased to room temperature at the same rate and the gas was switched 

to nitrogen. The superficial passivation took place at room temperature under 5% (v/v) 

air in nitrogen for 1 hour, thus, avoiding re-oxidation when handling the catalyst. 
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Figure 3.3 Catalyst pre-treatment method 

 
 

3.3.2 Hydrogenation reaction 

At the beginning of each experiment, a 0.19 M solution of 3-butyn-2-ol/distilled water 

with catalyst was charged into the reactor. Firstly, the reactor was purged with nitrogen 

containing the slurry under agitation and once the required temperature was achieved, the 

N2 was replaced with H2 by fluxing three times with H2 at the start (time t=0 for the 

reaction).  

 

During the reaction, liquid samples (0.3 mL each) were withdrawn with a maximum 

total sample volume <10% of the total reaction volume, ensuring that sampling volume 

is minimized to avoid interference with mixing and reaction kinetics. Before gas 

chromatographic analysis, a standard solution (0.15 M 1-pentanol/distilled water) was 

added (as internal standard) to samples.  
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3.4 Analytical procedures 

3.4.1 Gas Chromatography (GC) 

The analysis of the samples was carried out in a Perkin-Elmer Auto System XL gas 

chromatograph with an auto sampler equipped with a flame ionization detector (FID) and 

a Stabilwax® column with the following characteristics: internal diameter = 0.32 mm, 

length = 30 m, film thickness = 0.25 μm. The carrier gas (He) was pressurized at 10 psig, 

the temperature in the injector and FID were 533 K and 548 K respectively and the 

temperature program in the oven is shown in Figure 3.4. This figure also shows the 

retention time for the reactant/products involved in the hydrogenation of 3-butyn-2-ol (2-

butanona: 2.41 min; 2-butanol: 3.57 min; 3-buten-2-ol: 4.33 min; 3-butyn-2-ol: 7.85 min 

and 1-pentanol (ST): 7.33 min). 

 

Figure 3.4 GC temperature program and hydrogenation sample raw data 
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The peak areas were converted to mols using regression equations based on calibration 

(Appendix D), with a detection limit that corresponds to a feedstock concentration <1% 

molar. A total mass balance was used to determine the concentration of organic species 

(3-butyn-2-ol, 3-buten-2-ol, 2-butanol and 2-butanone) in the reaction mixture. An 

overall analytic reproducibility was better than ±5% in the carbon mass balance. Repeated 

reactions delivered initial reaction rates that were reproducible to within ±11%. 

3.4.2 Catalytic activity 

The catalytic activity is evaluated by means of reactant conversion (Equation 3.1) and 

selectivity of the products (Equation 3.2), which are determined via the following 

equations: 

 

      ( 3.1) 

       

 

      ( 3.2) 

  

 

where CA0, CA and Ci are the initial reactant concentration and the reactant and product i 

concentration (mol/L) at a given time, respectively.  

 

The initial reaction rate is a parameter used for comparison and was calculated as the 

moles of reactant consumed (nA) up to a conversion of 20% per unit time and per mass of 

palladium (mPd) in Equation 3.3 by linearly fitting the experimental data (number of mols 

vs time in the conversion range of 0-20%) as highlighted in Figure 3.5. 
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Figure 3.5 Initial reaction rate calculation. Reaction conditions: power density = 29500 

W m-3, initial molar ratio 3-butyn-2-ol/Pd = 1360, temperature = 323 K, pressure = 1 bar 

3.4.3 Power density 

Power consumption (also known as power dissipation rate or power density) is the basis 

for comparison between different reactors and has extensively been used over the decades 

[259-261]. Power density for OBR was previously given in Equation 2.11, Equation 3.4 

is the one for the PARR reactor [14]: 

                   

       ( 3.4) 

                                

where P/V is the power density (W m-3), Po the power number that depends on the 

dimensions and type of stirrer used (=3.5 in this investigation), N the impeller speed (s-1) 

and Lh the liquid level in the vessel (m), Ds and Dv are the stirrer and tank diameters (m), 

respectively. Note that Equation 3.4 does not consider the presence of wall baffles in 
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reactors, as there were two baffles (nB) present in the PARR whose width (Bw) related to 

Dv is 0.14, therefore, (P/V)B/(P/V)o = 12.5 [262].  

Power density dependence on mixing can be found in Appendix E for each reactor. 
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 The effects of modes of hydrogen input and reactor 

configuration on reaction rate and H2 efficiency in the catalytic 

hydrogenation of alkynol to alkenol 

 

This chapter compares two different modes of suppling H2 in terms of reaction rate and 

H2 efficiency in the PARR and in the OBR. Part of this chapter is published in The 

Canadian Journal of Chemical Engineering, doi:10.1002/cjce.23615.  

4.1 Introduction 

Hydrogenation is one of the most encountered synthesis steps in the production of fine 

chemicals and pharmaceuticals [8, 21, 24] and typically involves three phases where 

gaseous and liquid reactants are catalysed by a porous catalyst. Due to phase boundaries, 

this type of processes is often severely restricted by mass transfer limitations, influencing 

selectivity, productivity and reaction rate [163, 263, 264]. Consequently, mixing is crucial 

in promoting and maintaining a narrow gas bubble size distribution with small mean size; 

prolonging the residence time of these bubbles and enhancing gas hold up within the 

reactor. Hydrogen efficiency, defined as the ratio of mol of products obtained over mol 

of hydrogen introduced to the reactor at a fixed time, is a typical indicator for the 

efficiency of mixing, in turn gas-liquid mass transfer. In addition, hydrogen efficiency 

expressed in terms of the amount of product formed, that is directly related to the amount 

of hydrogen consumed in the reaction, is effectively the index for assessing the dissolved 

gas reaching on the surfaces of catalysts, i.e. the gas/liquid/solid boundaries, required 

when dealing with any three phase heterogeneous catalysis. 

Common reactors for multiphase catalytic reactions include stirred tank reactors (STR), 

packed/trickle bed reactors and monolith reactors where the catalyst is either stationary, 

e.g. in monolith and packed beds, or mobile, e.g. in stirred tank reactors (STR). There are 

generally two modes of operation in terms of hydrogen supply, namely continuous gas 

flow [35, 98, 173-180] or gas-on-demand [72, 111, 112, 181, 182]. In the former, 
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hydrogen gas is pumped into the reactor continuously, which is generally termed as the 

open mode of operation. The word “open” was stemmed from the fact that reactors are 

open when operated at ambient pressure where the excess of hydrogen is directly vented 

out. For the gas-on-demand mode, reactors are closed for all cases, gas is supplied 

whenever the pressure within the reactors is decreased due to the consumption of gas 

reactant, sometimes it is termed as the on/off operation, or close mode of operation and 

is mainly used in industrial productions. Table 4.1 lists some reactor designs for three-

phase catalytic reactions under continuous gas flow operation. It is clear that the hydrogen 

efficiency is generally very low, suggesting that the majority of the hydrogen did not 

participate in reactions. 

 

 
Table 4.1 Hydrogen utilization in different reactor designs under continuous gas flow 

operation 

 

Ref. Reactor Type Reaction Type 

Working conditions 
H2 

efficiency 

(%) 

Temperature 

(K) 

Pressure 

(bar) 

vvm 

(m3 gas/m3 liq 

× min) 

Catalyst 

[173] 

STR Catalytic 

hydrodechlorination of 

2,4-dichlorophenol 

303 1 1.9 

Pd/Al2O3 

0.5 

Coflore acr 

reactor 
303 1 0.4 4.3 

[98] 

Wall-coated 

capillary 

microreactor 

Selective hydrogenation 

of 2-methyl-3-butyne-

2-ol 

333 1 1.8 PdZn/TiO2 1.4 

[174] STR 
Hydrodechlorination of 

4-Chlorophenol 
313 2 0.2 Pd/Al2O3 0.2 

[175] STR 

Catalytic multiphase 

reduction of 

functionalized 

halogenated aromatics 

323 1 1 Pd/C 8.7 

[176] 
Packed column 

reactor 

Hydrogenation of 

maleic anhydride to 

1,4-butanediol 

503 90 2.4 CuZn/Al2O3 17 

 

 

So why is the open mode of operation used at all? What are the differences in terms of 

hydrogen efficiency and reaction time between the two modes of operation in 

hydrogenation? This work addresses these precise questions. We conduct a systematic 
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research to evaluate and compare the effect of the two modes of operation on reaction 

rate and H2 efficiency in a commercially available PARR stirred tank reactor under 

atmospheric pressure. In order to validate the results from the PARR reactor, the same is 

carried out in an Oscillatory Baffled Reactor (OBR). The reason of choosing ambient 

pressure is based on the simplicity of the system and the results obtained at ambient 

operation can faithfully be applied to elevated pressure operations.  

The reduction of 3-butyn-2-ol to produce the target intermediate 3-buten-2-ol over 

Pd/Al2O3 catalyst is the chosen model multiphase catalytic hydrogenation for this work. 

In order to gain a better understanding of this hydrogenation reaction, a mechanism is 

proposed and confirmed in this chapter (Figure 4.5). 

 

4.2 Experimental section 

4.2.1 Materials 

The chemicals and catalyst used for the selective hydrogenation in this chapter are the 

same as described in Chapter 3. 

4.2.2 Reactor configuration 

The work was carried out in the PARR and the OBR described in Chapter 3, both reactors 

are operated in batch mode. 

The total working volumes were 0.06 L and 0.2 L in the PARR and the OBR, 

respectively. The volume ratio of gas/liquid was kept the same for both reactors and 

calculations were made to maintain the same concentration. The mixing in PARR was 

ranged from 320-1600 rpm, whereas the oscillatory amplitudes and frequencies in the 
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OBR were 9-12.5 mm and 1-5 Hz respectively. A pressure gauge was used to check the 

pressure ranging from 0 to 2 barG. The catalyst was not reused in this chapter.  

4.2.3 Experimental procedures 

The experimental procedure is explained in Chapter 3. The differences in mode of 

operation are as follows: 

• In the open mode of operation: H2 was continuously fed into the reactor that was 

open to ambient, the constant gas flow rate was maintained by means of a mass 

flow controller;  

• In the close mode of operation: the reactor was closed, and a constant pressure of 

operation (1.15 barA) was maintained by supplying hydrogen from the reservoir 

during the course of the reaction (H2-on-demand system), resulting in an on-off 

gas flow. The pressure was controlled via a gas pressure regulator and checked by 

a pressure gauge. 

Note that it was physically impossible to reach 1 barA for the close mode of operation. 

4.2.4 Analytical procedures 

The analytical procedures have previously been explained in Chapter 3. The initial 

reaction rate is used here for comparing different reaction conditions with the power 

density as the base for comparison. 

It was found that the selectivity of 3-buten-2-ol remained greater than 97% up to 95% 

conversion for all the runs, regardless of the reaction conditions or the type of reactor 

used. These values are in line with the ones reported in Table 2.4 for the hydrogenation 
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of different alkynols over Pd-based catalysts. The high value of selectivity indicated that 

there were no internal mass transfer limitations, otherwise selectivity would considerably 

decrease [23].  

4.3 Results and discussion 

4.3.1 PARR reactor 

The two modes of operation are evaluated in the PARR for the effects of mixing, 

hydrogen flow rate, catalyst loading and temperature, each of which are presented below. 

Effect of mixing 

Mixing greatly influences the breakage of bubbles (i.e. the surface area of bubbles), the 

uptake of gas by liquid (i.e. mass transfer) and the suspension of catalyst particles [265]. 

Figure 4.1 plots the initial reaction rate against power consumption (i.e. stirring speed) 

for two modes of operation. We see that when power density increases, an increase in the 

initial reaction rate is observed for both modes of operation, which is expected. The trends 

level off, ro is unaffected and independently of the stirring speed from the power density 

of 29500 W/m3 onwards, this is the indication of catalytic control for the reaction in both 

modes.  

In terms of operating mode, the reaction rates for the close mode are higher than that 

for the open mode. Besides, at low mixing where the contact between gas/liquid phases 

(Figure 2.3, section II) as well as the suspension of catalyst are poor. This profile 

indicates that the gas flow in open mode is not optimized. 
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Figure 4.1 Effect of mixing in term of power consumption (P/V) on the initial reaction 

rate (ro). Reaction parameters: initial molar ratio 3-butyn-2-ol/Pd = 1360, [vvm]PARR open 

= 0.85, temperature = 305 K 

 
 
 
 

Effect of H2 flow rate 

The impact of H2 flow rate on the initial reaction rate was investigated in terms of vvm in 

open mode of operation (Figure 4.2), the vvm is defined as a volumetric ratio gas/liquid 

per minute. A significant increase in ro was noticed when the vvm was increased to 2.5, 

above which, the reaction was insensitive to the H2 flow rate. 

By definition, this evaluation cannot be done for the H2-on-demand mode of operation. 

However, under the same working conditions, an averaged vvm of 0.05 was obtained in 

the close operation, resulting in a ro = 10 mol/h×gr Pd that is higher than ro = 5 mol/h×gr Pd 

achieved in the open mode at vvm = 0.05, indicating enhanced H2 utilization for the close 

mode of operation. 

0 10000 20000 30000 40000 50000
0

5

10

15
 PARR close
 PARR open

r o (m
ol

 h
-1

gr
-1
Pd

)

P/V (W m-3)



 

58 

 
Figure 4.2 Impact of H2 flow rate in terms of volumetric ratio gas/liquid per min (vvm) 

on the initial reaction rate (ro). Reaction parameters: P/V = 29500 W/m3, initial molar 

ratio 3-butyn-2-ol/Pd = 1360, temperature = 305 K 

 
 
 
 
Effect of catalyst loading 

A direct proportionality between the rate and the catalyst loading is generally accepted 

for catalytically controlled reactions [266]. The influence of the catalyst loading is 

reported by plotting the reciprocal of the initial reaction rate (ro
-1) versus the initial molar 

ratio of 3-butyn-2-ol/Pd in Figure 4.3 in both modes of operation. At high 3-butyn-2-

ol/Pd initial molar ratios (i.e. low catalyst amounts), the reciprocal rate linearly decreases 

with the decrease of this initial molar ratio, suggesting that diffusion resistance is 

diminishing, and the reaction is catalytically controlled. For low initial molar ratios of 3-

butyn-2-ol/Pd < 1360 (i.e. large catalyst loadings), the reciprocal rate no longer depends 

on the molar ratio, indicating that the reaction is controlled by mass transfer. The trends 

are similar, indicating that the hydrogenation is under catalytic control for both modes of 

operation.  
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Figure 4.3 Relationship between catalyst loading in terms of initial molar ratio 3-butyn-

2-ol/Pd and the reciprocal of the initial reaction rate (ro
-1). Reaction parameters:         

P/V = 29500 W/m3, [vvm]PARR open = 2.5, temperature = 305 K 

 
 
 

Effect of temperature 

It is well known that temperature affects reaction rates under catalytic control, whereas 

temperature has much lesser influence on mass transfer coefficient [266]. The effect of 

temperature on the initial reaction rate is plotted Figure 4.4 for both modes of operation. 

Catalytic control is observed in the region where ro increases with temperature; above 323 

K, however, ro becomes independent of temperature for both modes of operation.  
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Figure 4.4 Influence of temperature on the initial reaction rate (ro).  

Reaction parameters: P/V = 29500 W/m3 and initial molar ratio 3-butyn-2-ol/Pd = 1360, 

[vvm]PARR open = 2.5 

 

In summary, conditions for catalytic control in the PARR are identified. Although the 

mode of hydrogen operation does not affect the trends of the initial reaction rates, the H2 

utilization differs, which will be discussed in the comparison section of this chapter. 

4.3.2 Kinetic model for the hydrogenation of 3-butyn-2-ol over Pd/Al2O3 

A kinetic model is proposed in order to understand the reaction path for the multiphase 

selective hydrogenation of 3-butyn-2-ol over Pd/Al2O3 catalyst.  

The kinetic model is based on the reaction scheme represented in Figure 4.5, where it 

is considered that the selective hydrogenation of 3-butyn-2-ol (A) takes places 

sequentially, producing 3-buten-2-ol (B) (path 1), that can lead to undesired 2-butanol 

(C) production (path 2). Direct over hydrogenation is also taken into account, generating 

the corresponding undesired 2-butanol (C) (path 3), in accordance with various authors 

for the hydrogenation of 2-methyl-3-butyn-2-ol over Pd-based catalysts [50, 72, 98]. 
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Moreover, migration of the double bound (path 4), obtaining 2-butanone (D), is included 

as it was experimentally observed. Other two paths could be considered (path 5 and 6 in 

dotted line). Path 5 is possible as Pd showed dehydrogenation capacity of OH- group into 

C=O, however, this step is much slower than the hydrogenation step (up to 90-fold) [267], 

therefore, it is neglected in the kinetic model. At the same time, the ketone hydrogenation 

(path 6) is discarded due to the low ketone adsorption on Pd surfaces [268, 269].  

 
Figure 4.5 Proposed reaction scheme for 3-butyn-2-ol hydrogenation 

 

Mass transfer limitations were identified and suppressed for the PARR. Catalytic 

control is achieved under the following working conditions, used in the kinetic modelling: 

• Power consumption of P/V = 29500 W/m3 

• [vvm]PARR open = 2.5 

• Initial molar ratio of 3-butyn-2-ol/Pd = 1360 

• Maximum temperature of reaction = 323 K 
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The effect of hydrogen pressure on the initial rate of 3-butyn-2-ol in the range from 

298 to 323 K is presented in Figure 4.6. The variation of initial rate with hydrogen 

pressure indicates that the rate of reaction is first order respect to hydrogen under the 

conditions investigated (for reaction order test see Appendix F), in line with the results 

reported for the hydrogenation of 2-butyn-1,4-diol [112] and 2-methyl-3-butyn-2-ol [72]. 

 
Figure 4.6 Effect of hydrogen pressure on the initial reaction rate of 3-butyn-2-ol 

hydrogenation. Reaction conditions: power density = 29500 W m-3, initial molar ratio 3-

butyn-2-ol/Pd = 1360 

 

The following assumptions were considered in the catalytic mechanism proposed for 

the hydrogenation of 3-butyn-2-ol over Pd/Al2O3: 

a) competitive adsorption of hydrogen and organics, i.e. there is only one type of 

active site (●) [7, 50]; 

b) dissociative adsorption of hydrogen on Pd, which is well established [23, 50, 

53];  

c) bimolecular reactions between the adsorbed species [72, 109]. 
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The elementary steps taken into account for the four reactions involved in the 3-butyn-

2-ol hydrogenation are given in Table 4.2, where 𝜃* indicates the coverage of the specie 

i and the subscripts -/=/º indicates the number of hydrogen atoms attached to the 

molecule. 

The formation of 3-buten-2-ol follows the two consecutive steps: a first hydrogen atom 

is added to the adsorbed 3-butyn-2-ol molecule, followed by a second hydrogen atom 

addition to the semi-hydrogenated radical, producing the adsorbed 3-buten-2-ol molecule. 

The same adsorption/desorption/reaction steps were assumed for the formation of 2-

butanol. The addition of four hydrogen atoms will lead to the direct hydrogenation of 3-

butyn-2-ol.  

 
Table 4.2 Elementary steps in the hydrogenation of 3-butyn-2-ol 

 
A ® B 
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B ® C 

 

 

A ® C 
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B ® D 

 

In the hydrogenation of 3-butyn-2-ol, it is assumed that the adsorption/desorption steps 

are fast enough to reach quasi-equilibrium and it is considered that the rate determining 

step (*) corresponds to the addition of the second hydrogen atom to the half-hydrogenated 

organic molecule as the resulting molecule desorbs from the catalyst surface [270]. This 

assumption is often used when first order respect to hydrogen is observed and dissociative 

weak hydrogen adsorption is considered, as previously reported for the hydrogenation of 

2-methyl-3-butyn-2-ol [72] or 2-butyne-1,4-diol [73] over Pd-based catalysts. 

The catalysed reaction can be described via Langmuir-Hinshelwood (L-H) method. As 

concluded in the previous section, mass transport limitations are negligible, in turn they 

are excluded in the kinetic equations for the modelling. The rate equations can be written 

as shown in Table 4.3. The mass balance of the surface coverage by the reaction species 

is expressed, assuming low coverage for the radicals, by Equation 4.1 as follows: 

1 = θ• + θ� + θ� + θ� + θ� + θ�    ( 4.1 ) 

Therefore, the coverage of active sites, calculated via the expressions of equilibrium 

constants for the reversible steps, is (Equation 4.2):  

θ• =
�

�v����v����v����v����v�����I
   ( 4.2 ) 
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The rate equations are simplified (Table 4.4) by lumping adsorption equilibrium 

constants of organic species in 𝑘�� , 𝑘�� , 𝑘��  and 𝑘��  and considering weak adsorption of 

single bond and ketone with respect to triple bond, i.e. K=KC=KD [23, 111].  

 
Table 4.3 Reaction rate equations based on the L-H method for the modelling of the 

hydrogenation of 3-butyn-2-ol 

 
Reaction Rate equations 

A à B r� = k�
�����������I

P�v����v����v����v����v�����IR
I                     ( 4.3 ) 

B à C r� = k�
�����������I

P�v����v����v����v����v�����IR
I	                    ( 4.4 ) 

A à C r� = k�
��������º����	(����I)

I

P�v����v����v����v����v�����IR
I                    ( 4.5 ) 

B à D r� = k�
����

�v����v����v����v����v�����I
                        ( 4.6 ) 

 

 
 
 
Table 4.4 Simplified reaction rate equations based on the L-H method for the modelling 

of the hydrogenation of 3-butyn-2-ol 

 
Reaction Rate equations 

A à B r� = k��
��		����I

P�v����v����v�(��v��)v�����IR
I                        ( 4.7 ) 

B à C r� = k��
��		����I

P�v����v����v�(��v��)v�����IR
I                        ( 4.8 ) 

A à C r� = k��
��			(��I��I)

I

P�v����v����v�(��v��)v�����IR
I                       ( 4.9 ) 

B à D r� = k��
��

�v����v����v�(��v��)v�����I
                          ( 4.10 ) 
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The mole balance for the reactant and products is as follows: 

 
5��
5-

= :��
�
(−𝑟� − 𝑟�)      ( 4.11 ) 

 
5��
5-

= :��
�
(−𝑟� − 𝑟� + 𝑟�)     ( 4.12 ) 

 
5��
5-

= :��
�
(𝑟� + 𝑟�)      ( 4.13 ) 

 
5��
5-

= :��
�
	𝑟�       ( 4.14 ) 

 

where mPd is the mass of palladium in the catalyst and V is the volume of liquid phase in 

the reactor. 

The system composed by Equations 4.7-4.14 was solved numerically using the 

Rosenbrock method in Berkeley Madonna software. The initial concentrations of the 

species are given (CA= 0.19 M, CB = 0 M, Cc = 0 M and CD = 0 M) and the variation of 

the concentration with time is modelled. The fitting is represented in Figure 4.7. The 

goodness of the fit for the kinetic model is assessed via the Pearson’s chi-squared test 

(Equation 4.15): 

 𝜒� = ∑
{�¢£¤¥£¦¢§£;¨©ªo�¢§«�£ª~

I

�¢§«�£ª
*     ( 4.15 ) 

where 𝐶*£¤¥£¦¢§£;¨©ª and 𝐶*§«�£ª are experimental and modelled concentrations of specie 

i. For a degree of freedom, calculated as number of experimental points – number of 

variables in the model, and a significance level of 5% (a’ = 0.05), the fitting is accepted 

if 𝜒� < 𝜒.�, the critical value of chi-squared distribution (taken from NIST/SEMATECH, 
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e-Handbook of Statistical Methods). The model proposed provides acceptable fitting to 

the experimental data, as shown in Table 4.6. 

 
Figure 4.7 Concentration-time profile for 3-butyn-2-ol hydrogenation, experimental 

points and kinetic curves modelled with Berkeley Madonna Software. Reaction 

conditions: power density = 29500 W m-3, initial molar ratio 3-butyn-2-ol/Pd = 1360, 

temperature = 323 K, pressure = 1 bar.  

 
 

The kinetic modelling allowed to obtain the rate constants and the adsorption 

equilibrium constants (Table 4.5). 𝑘��  was 26-fold higher than 𝑘��  and 𝑘��  was five orders 

of magnitude smaller than 𝑘�� , leading to the consideration of direct over-hydrogenation 

is very unlikely and the kinetic model proposed could be simplified by neglecting this 

path (see path 3 in Figure 4.5). The adsorption equilibrium constant of alkenol (KB) is 20 

times lower than the one of alkynol (KA), which is in agreement with the high selectivity 

towards alkenol and preferential adsorption of alkynol on Pd catalyst [23, 50, 56, 70].  

Interestingly, the reactant profile in Figure 4.7 shows a slight acceleration of the 

hydrogenation rate, also observed at different reaction temperatures (Figure 4.8). This 
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would explain the negative order of reaction respect to 3-butyn-2-ol (Appendix F), 

suggesting that 3-butyn-2-ol occupies the active sites in the catalyst even at very low 

concentrations, preventing the adsorption of 3-buten-2-ol and further hydrogenation. This 

phenomenon has also been reported for the hydrogenation of 2-methyl-3-butyn-2-ol over 

Pd-based catalyst [53].  

 
 
 
Table 4.5 Estimated kinetic parameters and adsorption constants for the hydrogenation 

of 3-butyn-2-ol. Reaction conditions: see Figure 4.7 

 
Model parameters Units Value 

k��  L h-1gr-1Pd 562000 

k��  L h-1gr-1Pd 21333 

k��  L h-1gr-1Pd 7 

k��  L h-1gr-1Pd 127 

KA L mol-1 200 

KB L mol-1 10 

K L mol-1 5.03 

K�C�I -- 0.17 

 

The temperature dependency of the reaction rate constants, following the Arrhenius 

equation (Equation 4.16), allowed the calculation of activation energies. The values 

found were Ea1 = 47.8 kJ/mol, Ea2 = 55.4 kJ/mol. Similarly, the enthalpies of adsorption 

of 3-butyn-2-ol and 3-buten-2-ol were calculated from the dependency of temperature 

with the adsorption equilibrium constants (Equation 4.17), resulting in –∆𝐻¯05  = 27.0 

kJ/mol and –∆𝐻°05  = 30.8 kJ/mol. These results are in line with the ones proposed by 

Crespo-Quesada et al. (2009) [50] for the hydrogenation of 3-methyl-3-butyn-2-ol and 

Semagina et al. (2007) [109] for the hydrogenation of 1-hexyne.  
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𝑘± = 𝑘±1 · 𝑒𝑥𝑝 ´−
µ©¶
··¸
¹     ( 4.16 ) 

𝐾* = 𝐾*1 · 𝑒𝑥𝑝 ´−
∆H¢

©�

··¸
¹     ( 4.17 ) 

note that i subscript (Equation 4.17) refers to organic species and j subscript (Equation 

4.16) denotates a certain reaction path. 

The proposed model describes accurately (see Table 4.6) the experimental data at 

different operation temperatures (Figure 4.8): 

 
Figure 4.8 Influence of temperature on 3-butyn-2-ol hydrogenation. Experimental 

points and modelled kinetic curves. Reaction conditions: power density = 29500 W m-3, 

initial molar ratio 3-butyn-2-ol/Pd = 1360, pressure = 1 bar 
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Table 4.6 Goodness of the fit (Pearson’s chi-squared test) 

Temperature, K Degree of freedom 𝝌𝒄𝟐 𝝌𝟐 

323 51 35.600 0.227 

305 35 22.465 6.545 

298 40 26.509 0.347 

 

In summary, considering competitive adsorption of hydrogen and organic species, 

dissociative weak adsorption of hydrogen, bimolecular reaction between the adsorbed 

species and the addition of the second hydrogen atom to the adsorbed organic molecule 

as RDS while the adsorption/desorption steps are in quasi-equilibrium, the L-H model 

describes well the hydrogenation of 3-butyn-2-ol over Pd/Al2O3 for the reaction 

conditions investigated. Direct hydrogenation of 3-butyn-2-ol to 2-butanol is discarded 

from the reaction mechanism, leading to the simplified one represented in Figure 4.9.  

 

Figure 4.9 3-butyn-2-ol hydrogenation network 
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4.3.3 OBR reactor 

In order to validate the results from the PARR reactor, the same reaction is carried out in 

an OBR. As one of the purposes of this investigation is to compare the performances of 

each reactor, the basis for such a comparison consists of the same working conditions that 

have led to catalytic control in the PARR as 

• Power consumption of P/V = 29300 W/m3 

• [vvm]PARR open = 2.5 

• Initial molar ratio of 3-butyn-2-ol/Pd = 1360 

• Temperature of reaction = 323 K 

These conditions are unchanged regardless of the mode of operation.  

Effect of oscillatory mixing  

The influence of oscillatory mixing evaluated in terms of oscillatory velocity on the initial 

reaction rate (ro) is plotted in Figure 4.10 for two modes of operation.  

The imposed oscillatory movement of the baffles produces a periodical generation and 

cessation of eddies [271], leading to chaotic mixing. The length of vortices and the 

periodicity of eddy motions can be adjusted by changing oscillation amplitude and 

frequency, respectively [217]. For both modes of operation, the reaction rates are constant 

for low oscillatory velocities (low mixing), then linearly increase with the increase of 

oscillatory velocities (high mixing). At low mixing region, oscillatory motions are not 

sufficiently strong to break up bubbles, hence no improvement in the initial rate is noticed 

in this region. At high oscillation regime, the intensive and uniform mixing breaks up 

bubbles, leading to a decrease in bubble size; these bubbles are trapped in the vortices for 

longer periods of time, enhancing the bubble residence time as well as the gas holdup 

within the system, resulting in a linear increase in ro with the increase of oscillatory 

velocity.  
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Figure 4.10 Oscillatory velocity (uosc) against the initial reaction rate (ro) at two 

different modes of operation: ▲ OBR close, Δ OBR open: vvm = 2.5. Reaction 

parameters: initial molar ratio 3-butyn-2-ol/Pd = 1360, temperature = 323 K, pressure = 

1 bar 

 

There are three features that need to be noted. Firstly, the initial reaction rates for the 

open mode of operation are higher than that for the close mode for all oscillation 

conditions. This is mainly due to the higher amount of hydrogen fed into the reactor, 2.5 

vvm in the former with respect to 0.1 vvm on average in the latter, which is translated in 

different flow regimes. At low vvm, bubbly flow develops in the close mode; while in the 

open mode it is the high vvm leading to slug-churn flows that generate more mixing in 

this case [272]. This is different from traditional stirred tanks where gas channelling, gas 

holdup nonuniformity and impeller flooding were observed at high gas flow rates [273]. 

In this work, we have not identified the maximum vvm at which the reaction rate is 

independent of H2 flow rate in the OBR. Secondly, higher reaction rates are obtained at 

high gas flow rates (open mode) [17], which is in line with the increased mass transfer 

coefficient (1.5-fold) at low oscillatory mixing and 2.3 times higher aeration rate reported 

by Ahmed et al. [272]. Thirdly, when mixing intensity increases, the reaction rates 

increase linearly with the increasing oscillation velocity, but we see an earlier rise in the 

initial reaction rate for the close mode operation than for the open mode due to lesser 

hydrogen presence. 
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We also note that the conditions in the PARR reactor that have led to catalytic control 

in the reaction do not exhibit the same effect in the OBR, increasing trends of the initial 

reaction rate with the oscillatory velocity are still seen in both open and close mode, 

indicating that the capacity of mixing in OBR is much wider and offers more 

improvements in ro than in the PARR reactor. 

H2 efficiency and residence time 

The effects of both modes of operation on H2 efficiency and residence time (RT) are 

evaluated and presented in Table 4.7. 

Table 4.7 H2 efficiencies and residence times (RT at X = 95%) for the OBR at two 

modes of operation. Reaction parameters: P/V = 14650 W/m3, temperature = 323 K, 

initial molar ratio 3-butyn-2-ol/Pd = 1360 

 

Run no. vvm 
(m3gas m-3liq min-1) RT (min) H2 efficiency (%) 

Open mode 

1 2.5 19 9 

Close mode 

2 n/a 27 62 

 

 

The process advantages by the close mode can clearly be seen in Table 4.7 with about 

7 times increase in hydrogen efficiency (see runs 1 and 2), at the expenses of increased 

residence time by 30%. This is caused by the reduction of the bubbles’ rising velocity and 

the increased bubble holdup, more significantly at higher hydrogen input into the reactor 

[16], as it is the case in the open mode. The results in the OBR verify the data from the 

PARR reactor, concluding that open mode of gas supply is not recommended and should 

be replaced by H2-on-demand operation. 
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4.3.4 Comparison of PARR and OBR 

The second purpose of this chapter is to compare reactor performances for the two 

operating modes. 

Reactor efficiency 

The reactor efficiency is investigated by plotting the initial reaction rate against power 

consumption (W/m3) for both reactor designs, as shown in Figure 4.11 under the same 

reaction conditions for the two modes of operation.  

 
Figure 4.11 Reactor efficiency in terms of power density (P/V) for the PARR and the 

OBR under two different modes of operation: open (dashed line) and close (dotted line). 

Reaction parameters: initial molar ratio 3-butyn-2-ol/Pd = 1360, [vvm]OPEN = 2.5, 

temperature = 323 K, pressure = 1 bar 

 

In the PARR, the catalytic control is reached for P/V equalling or greater than 29500 

W/m3 for both modes, whereas we see that the initial reaction rate increases with the 

increase of power dissipation in the OBR, this implies that mass transfer is controlling 
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under these oscillation conditions or in other words, the capacity of mixing in the OBR is 

far greater than that in the PARR reactor. Note that it was not possible to achieve catalytic 

control for the design and setup of the OBR. Nevertheless, while the reaction is controlled 

by mass transfer, about 3 times less power consumption is required in the OBR to achieve 

the same reaction rate obtained in the PARR under catalytic control. For the open mode, 

the reaction rate in the OBR is 2.6 times higher than that obtained in the PARR under the 

same vvm (= 2.5) with half the power density required. The rate achievable in the OBR 

in the open mode is also higher than that in the PARR reactor, reflecting the enhanced 

mixing in the former. 

H2 efficiency and residence time 

Hydrogen efficiency and reaction time to achieve 95% conversion are summarized in 

Table 4.8 for both reactors under the two modes of operation. Note that the basis of 

comparison consists of the initial molar ratio of 3-butyn-2-ol = 1360, reaction temperature 

= 323 K and vvm = 2.5 in open mode of operation but the power dissipation in the OBR 

is about half of the benchmark conditions in the PARR.  

In the PARR reactor, the H2 efficiency is improved from 3% in the open to 27% in the 

close mode, translating as about 10 times higher H2 efficiency (see runs 1 and 4).  

Likewise, in the OBR, the H2 efficiency is improved from 9% in the open to 62% in the 

close mode, giving 7 times improvement in H2 utilization, with an increase in the reaction 

time of 30% (see runs 2 and 5) due to lower inlet gas flow in close mode. At equal mixing 

intensity, gas holdup, in turn, mass transfer coefficient is favoured by increased vvm [17], 

this leads to improved reaction rate. We see that the H2 efficiency is enhanced when the 

reactor operates in close mode, regardless the type of reactor.  

When the systems operate in open mode (see runs 1 and 2), the PARR has a 3% H2 

efficiency compared to 9% in the OBR, giving 3 times more improvement, accompanied 

by 2.3-fold reduction in the reaction time. When the systems operate in hydrogen-on-

demand mode (see runs 4 and 5), it is 27% in the PARR versus 62% in the OBR (2.3-fold 
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higher H2 efficiency) combined with a 40% reduction in the reaction time. These are due 

to the uniform and efficient mixing in the OBR. 

 

Table 4.8 H2 efficiencies and reaction times (RT) for PARR and OBR at different 

modes of operation. Reaction parameters: (P/V)PARR = 29500 W/m3, (P/V)OBR[max] = 

14650 W/m3, [vvm]OPEN = 2.5, temperature = 323 K, RT at X = 95% 

 

Run no. Reactor 
Initial molar 

ratio 
3-butyn-2-ol/Pd 

RT 
(min) 

H2 efficiency 
(%) 

Open mode 

1 PARR 1360 44 3 

2 OBR 1360 19 9 

3 OBR 4525 25.5 6.5 

Close mode 

4 PARR 1360 44 27 

5 OBR 1360 27 62 

6 OBR 4525 38.4 45 

 

 

When catalyst loading is reduced by 70% in the OBR to match that used in the PARR 

(i.e. higher initial molar ratio 3-butyn-2-ol/Pd, see runs 3 & 6), the hydrogen efficiency 

and the reduction in residence time in the OBR are still better than that in the PARR. 

4.4 Conclusions 

The two main conclusions from this work are a) enhanced process performance was found 

under the close mode of operation in the PARR and in the OBR (10 and 7 times higher 
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H2 efficiency in close mode compared with open mode, respectively) due to the effective 

utilization of hydrogen; the use of continuous hydrogen flow in three phase catalytic 

hydrogenation reactions should be replaced by hydrogen-on-demand mode; b) 

significantly better process performance can be seen in the OBR compared to that in the 

PARR (up to 3 times better H2 utilization) due to uniform and effective mixing achieved 

in the former.  
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  A comparative evaluation of hydrogenation of 3-butyn-2-ol 

over Pd/Al2O3 in an oscillatory baffled reactor and a commercial 

PARR reactor 

 

Previous chapter has reported enhanced operation when working at close mode of 

operation. Following this, the current chapter presents the results of a systematic 

evaluation of the selective hydrogenation of 3-butyn-2-ol in both an OBR and a PARR 

reactor under pressurized conditions in H2-on-demand mode. This chapter is published in 

Organic Process Research & Development, 23 (2019) 38-44. 

Note that the pressures reported in this chapter are gauge pressures, i.e. absolute 

pressure = ambient pressure + gauge pressure. This paper was published before the paper 

described in the Chapter 4, efforts have been made to minimize any overlaps. 

5.1 Introduction 

Hydrogenation is a widely used unit operation in chemical and pharmaceutical industries 

[21, 24], constituting 10-20% of the synthesis steps in the manufacturing of fine chemicals 

[8]. A number of pharmaceutical and agrochemical processes are based on selective 

hydrogenation of functionalized alkynes to alkenes [2, 49, 111, 274, 275]. The production 

of vitamins [51, 52] involves hydrogenation of alkynols to alkenols where a range of 

catalytic metals (e.g. Rh, Ni, Pd and Pt) have been tested, [45] with  Pd-based catalyst 

being the most popular one [6, 53, 56, 72, 276] due to its selectivity (>97%) [7] and 

activity even at low hydrogen pressures [3, 70, 277].  

Conventional heterogeneous catalytic hydrogenation involves three phases, where 

reactants (gas and liquid) are catalysed by a porous solid catalyst. A combination of 

reaction and transport processes occur concurrently where reactants diffuse through phase 

boundary layers into catalyst pores; reaction takes place once reagents are adsorbed on 
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the active surface; and products desorb and diffuse back to the bulk phase [263, 264]. 

Such three-phase hydrogenation processes can severely be restricted by limitations in 

mass transfer between gas and liquid as well as gas and solid, affecting reaction rate, 

selectivity and productivity [163]. Stirred tanks (STR), packed/trickle beds and monolith 

reactors are the traditional reactors for hydrogenation where catalysts are either stationary 

(packed and trickle beds or coated reactors [23, 278, 279]) or mobile (stirred tank 

reactors). The reaction rate can be influenced by many parameters, such as the type of 

catalyst, solvent, mixing, reaction temperature and pressure. When the rest of the 

conditions is fixed, mixing in reactors is thus critical in promoting mass transfer of gas 

into liquid then to the surface of catalysts where uniform hydrogen bubble size 

distribution with small mean sizes together with prolonged residence times of these 

bubbles are desirable in minimizing interfacial mass transfer resistances. As a result, 

hydrogen utilization (or efficiency), defined as the ratio of products formed over H2 fed, 

is a direct measure of the efficiency of the mass transfer process, in turn the productivity.  

In this work, we carried out a systematic investigation to evaluate and compare an 

OBR with a commercial STR (PARR); the model multiphase catalytic hydrogenation 

chosen is the reduction of 3-butyn-2-ol over Pd/Al2O3 catalyst to generate 3-buten-2-ol 

(an intermediate) as the target product; both reactor efficiency and hydrogen utilization 

are used as the indicators of energy and mass transfer efficiency for different reactor 

designs. The reaction mechanism was investigated in Chapter 4, concluding that the 

hydrogenation takes place sequentially, neglecting the direct hydrogenation to alkanol, as 

shown in Figure 4.9. Although there have been some confidential industrial trials using 

OBR for hydrogenation, this chapter was the first of its kind in public domain and 

contains a full systematic evaluation and comparison. 

5.2 Experimental section  

5.2.1 Materials 

The chemicals and catalyst used for the selective hydrogenation in this chapter are the 

same as described in Chapter 3.  
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5.2.2 Reactor configuration 

The PARR and the OBR used in this work are identical to that described in Chapter 3, 

both reactors are operated in batch mode. 

The total working volumes were 0.06 L and 0.2 L in the PARR and the OBR, 

respectively. The volume ratio of gas/liquid was kept the same for both reactors and 

calculations were made to maintain the same concentration. The mixing in PARR was 

study ranging from 320-1600 rpm, whereas in the OBR the oscillatory amplitudes 

investigated were 9 and 12.5 mm and the oscillatory frequencies in the range 1-5 Hz. The 

pressure gauge used here ranged from 0-14 barG, and the safety valve was set at 14 bar. 

The catalyst was not reused in this chapter. 

5.2.3 Experimental procedures 

The experimental procedure is explained in Chapter 3. Note that the hydrogen pressure 

was firstly set by means of a gas regulator and the inlet valve was opened so hydrogen 

was then introduced, indicating time t=0 for reaction. 

5.2.4 Analytical procedures 

The analytical procedures explained in Chapter 3 are used in this work. The initial 

reaction rate is used here for comparing different reaction conditions, as well as the power 

density, as the base for comparison.  

The target product (3-buten-2-ol) selectivity was independent of the working 

conditions or reactor design and remained above 97% for all the runs, indicating that the 

hydrogenation reaction was no limited by internal mass transfer [23]. 
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5.3 Results and discussion 

5.3.1 Benchmark in PARR 

Multiphase catalytic hydrogenations are generally limited by mass transfer, given that 

hydrogen has to diffuse from the gas phase to the surface of solid catalysts surrounded by 

liquid through the G/L and L/S interphases. Therefore, it is highly important to study 

parameters affecting the catalytic performance and identify the conditions where mass 

transfer is impeded.   

The identification of mixing, initial molar rate 3-butyn-2-ol/Pd and temperature where 

catalytic control was attained was reported in section 4.3.1, Chapter 4. In summary, the 

benchmarking conditions leading to catalytic control in the PARR are:  

• Power density of P/V = 29500 W m-3 

• Initial molar ratio of 3-butyn-2-ol/Pd = 1360 

• Reaction temperature = 323 K 

5.3.2 OBR 

Effect of mixing and pressure 

The effects of oscillatory mixing on the initial reaction rate (ro) are plotted in Figure 5.1 

as a function of oscillatory frequency for different amplitudes and pressures. When the 

reactor system is under oscillation, the movement of the baffles creates a periodic 

acceleration and deceleration of the flow [271], leading to chaotic mixing where the 

length of vortices is controlled by the amplitude and the periodicity of eddy motions by 

the frequency [217]. The ro increases with an increase in the frequency. At low 

frequencies, the increase is negligible but it becomes pronounced at higher frequencies, 

even more for higher amplitudes [272] and pressures. The intensive and uniform mixing 



 

83 

increases the breakup of bubbles, leading to reduction in bubble size, and increase in 

bubble residence time and gas holdup since the bubbles are trapped in the vortices for 

longer times, as a result, mass transfer rate and in turn the ro are enhanced due to the 

combined effect of frequency and amplitude [280]. 

 

Figure 5.1 Effect of oscillatory frequency (f) on the initial reaction rate (ro) at different 

pressures. Working conditions: initial molar ratio 3-butyn-2-ol = 1360, temperature = 

323 K and oscillatory amplitude: a) xo = 9 mm and b) xo = 12.5 mm 

 
 
 

The combined effect in terms of oscillatory velocity (xof) on the reaction rate is shown 

in Figure 5.2. It suggests that two regions exist: in region 1 corresponding to low 

oscillatory velocities, ro is independent of mixing as bubble holdup and breakup are not 

promoted, regardless the working pressure. At higher oscillatory velocities in region 2, ro 

is significantly enhanced due to improvements in bubble mean size and size distributions, 

bubble residence time and gas holdup, more pronounced at higher pressures. This pattern 

has been reported previously [281].  
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Figure 5.2 Effect of oscillatory velocity (uosc) on initial reaction rate (ro) at different 

pressures. Working conditions: initial molar ratio 3-butyn-2-ol/Pd = 1360 and 

temperature = 323 K 

 

5.3.3 Comparison of PARR and OBR 

Reactor efficiency profile 

The reactor efficiency is evaluated by plotting the initial reaction rate as a function of 

energy dissipation per unit mass of the system (W m-3). Figure 5.3 shows the comparison 

for both reactors under the same initial molar ratio of 3-butyn-2-ol/Pd = 1360 and the 

same reaction temperature, but at different pressures. We see the rising profiles of the 

initial reaction rate against power density (mixing) for all conditions tested, indicating 

that the hydrogenation of 3-butyn-2-ol in the OBR is still dominated by mass transfer 

under these oscillation conditions. Note that it was not possible to operate at higher 

oscillation amplitudes and frequencies that allow the catalytic control to be achieved due 

to the setup of the OBR, as the maximum oscillation frequency and amplitude were 

employed. Even under mass transfer limitations, about 6 times less power dissipation in 

the OBR is required to achieve the same reaction rate obtained in the PARR working at 
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the same pressure (arrows with dashed lines) and about 3 times less power dissipation if 

the operating pressure in the OBR is halved (arrows with dotted lines), hence representing 

a promising energy-efficient platform for G/L reactions as previously reported [12, 13]. 

 

Figure 5.3 Effect of power density (P/V) on initial reaction rate (ro) at different pressure 

in PARR and OBR. Working conditions: initial molar ratio 3-butyn-2-ol/Pd = 1360 and 

temperature = 323 K 

 

 

 

H2 utilization 

The key focus of this work is to compare H2 utilization for the two reactors as it is directly 

linked to the efficiency of multiphase mass transfer (dominated by gas-liquid phase 

resistance). The H2 efficiency (%) is defined as mol of products formed to mol of 

hydrogen fed into the reactor for a fixed reaction time. Table 5.1 compiles the H2 

efficiency and reaction time at which 95% conversion is achieved for both reactors. Note 

that the comparison is performed under the same initial molar ratio of 3-butyn-2-ol/Pd (= 

1360), the same reaction temperature (323 K) and the same catalyst loading in both 
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reactors (the initial molar ratio 3-butyn-2-ol/Pd in the OBR = 4525), but the power 

consumption in the OBR is about half of the benchmark conditions in the PARR. 

Table 5.1 H2 efficiency and reaction time (RT) for PARR and OBR. Working 

conditions: (P/V)PARR = 29300 W m-3, (P/V)OBR[max] = 14650 W m-3, temperature = 323 

K, RT at X = 95% 

 

Run 
no. Pressure (bar) 

Initial molar ratio 

3-butyn-2-ol/Pd 
RT (min) H2 efficiency 

(%) 

PARR 

1 1 1360 23 29 

2 2 1360 16 31 

3 4 1360 9.4 34 

OBR 

4 1 1360 12.5 67 

5 2 1360 8 71 

6 4 1360 4 77 

7 1 4525 16.5 49 

8 2 4525 11 53 

9 4 4525 6 59 

 

 

Effect of pressure. The effect of pressure is evaluated by comparing the performance 

of each reactor at different pressures. In the PARR, a H2 efficiency of 29% is obtained at 

1 bar (see run no. 1), which is increased by 7% when pressure is doubled from 1 to 2 bar 

and by 10% from 2 to 4 bar with the correspondent reaction time reduction of 30% and 

40 %, respectively (see runs no. 2, 3).  
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At the same working conditions, the H2 efficiency in the OBR is 67% at 1 bar (see run 

no. 4), which is increased by 6% when pressure is doubled from 1 to 2 bar and by 9% 

from 2 to 4 bar with the correspondent reaction time reduction of 40% and 50 %, 

respectively (see runs no. 5, 6).  

The percentage increase in the H2 efficiency is unchanged for the increase of pressures 

when the same catalyst loading was used in the OBR (see runs no. 7-9). This indicates 

that the effect of pressure is purely on the enhancement of the solubility of H2 in water in 

the multiphase catalytic hydrogenation; when pressure is doubled, the H2 efficiency 

increases 3% regardless of reactor configurations. 

Effect of mixing. The effect of mixing is evaluated by comparing the performance of 

both reactors under the same pressure. For the same initial molar ratio of 3-butyn-2-ol/Pd, 

the H2 efficiency in the OBR was increased by 2.3 times and reaction time reduced by 

half in comparison to that in the PARR (see runs 1-3 vs 4-6), irrespective of operational 

pressures. These improvements are entirely due to the enhancement of mixing.  Likewise, 

for the same catalyst loading in the two reactors (effectively 70% lesser catalyst in the 

OBR), the OBR delivered a 70% improvement in the H2 efficiency and a 30% reduction 

in the reaction time with respect to the PARR (see runs 1-3 vs 7-9). This is in agreement 

with the reported enhanced kLa in OBR.  

5.4 Conclusions 

We report a systematic comparison of hydrogen utilization and reactor efficiency in the 

model catalytic hydrogenation of 3-butyn-2-ol to 3-buten-2-ol over Pd/Al2O3. 

Benchmarking conditions in the commercial STR (PARR) are firstly established for a 

range of operational parameters where the reaction is under catalytic control. By applying 

these conditions to the OBR, rising profiles of the initial reaction rates against power 

density (mixing intensity) are observed, this indicates that the hydrogenation reaction in 

the OBR is still under mass transfer control. At the same operating pressure, the OBR 

requires about 6 times less power consumption to achieve the same reaction rate as PARR 

does. Furthermore, the reaction rate obtained in the PARR can be attained in the OBR at 
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half the operating pressures and 3 times more efficient in power dissipation rate, due to 

enhanced mass transfer. 

The operating pressure only affects the solubility of H2 in water, leading to the same 

3% increase in H2 efficiency and the same 10% reduction in reaction time when the 

pressure was doubled, independently of the reactor configuration. The enhanced 

oscillatory mixing in the OBR brings about 2.3 times increase in H2 efficiency and a 50% 

reduction in reaction time comparing the benchmark cases. While at the same catalyst 

loading in both reactors, i.e. 70% lesser catalyst in the OBR, the improvement includes 

70% better in H2 efficiency and 30% shorter in reaction time. All the above comparisons 

are based on un-equal power dissipation rates where it is about half in the OBR than that 

in the PARR, indicating that the OBR is an energy efficient reactor platform.  
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 Continuous hydrogenation of alkynol in a continuous 

oscillatory baffled reactor 

 

Previous chapter has reported enhanced operation when working in batch OBR, compared 

to batch PARR. Following this, the current chapter presents the results for the transition 

from batch OBR to continuous operation (COBR) for the selective hydrogenation of 3-

butyn-2-ol at high pressures. This chapter is ready for submission pending a patent 

application. 

6.1 Introduction 

In industry, batch and semi-batch slurry reactors have been used for hydrogenation 

reactions in the production of drugs, biocides, herbicides, pesticides, inks and chemical 

additives [282]. Batch reactors are well known for their versatility, robustness and 

familiarity due to decades of working experience. However, it requires significant 

intermediate storage between operations, exhibits poor mixing and heat transfer 

capabilities, resulting in low operational efficiency and batch-to-batch variations [11]. 

These disadvantages have led to the development of continuous flow platforms in order 

to overcome the limitations from previous batch technologies. In this paper, we report for 

the first time that a multiphase catalytic hydrogenation has successfully been running in 

a continuous oscillatory baffled reactor (COBR) for 8 hours under pressurized conditions. 

The selective hydrogenation of alkynol (3-butyn-2-ol) to produce alkenol (3-buten-2-

ol) over Pd/Al2O3 has been chosen as the model reaction. The challenge for this reaction 

is that the target product is a reaction intermediate, as shown in Figure 6.1. This is a 

selective hydrogenation where the required product is formed via semi-hydrogenation. 

However, the risk of over-hydrogenation leads to the formation of undesired alkanol (2-

butanol). Pd-based catalysts have shown preferential adsorption of the triple bound 

related to the double bound [54, 71], circumventing the over-hydrogenation and 

contributing selectivity towards alkenol greater than 97% [50, 72, 73, 95, 283-285].  
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Figure 6.1 General terminal functionalized alkyne hydrogenation scheme.  

R, R’ = H, CH3 

 
 

6.2 Experimental section 

6.2.1 Materials 

The chemical and catalyst used for the selective hydrogenation in this chapter are the 

same as described in Chapter 3.  

In this study, the catalyst was sieved into batches of controlled particle size ranging 

38-45 μm and uncontrolled particle size < 45 μm in diameter. The catalyst was reused in 

this chapter. 

6.2.2 Reactor configuration 

The OBR used in this chapter is identical to that described in Chapter 3. It was operated 

in batch and continuous modes. Figure 6.2 shows the reactor setup for continuous 

operation. The inlet reactant flow rates were delivered by a combination of a gear pump 

and a mass flow controller (Bronkhorst); the outlet product rate by a peristaltic pump 

(Watson-Marlow). The temperature in the solvent tank was controlled by a water bath 

(Grant) in order to maintain constant feed temperature.  
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Figure 6.2 COBR scheme. (1) solvent vessel, (2) reactant vessel, (3) products vessel, 

(4) H2 cylinder, (5) gear pump, (6) peristaltic pump, (7) liquid mass flow 

meter/controller, (8) pressure regulator, (9) gas mass flow meter/controller, (10) ball 

valve, (11) needle valve, (12) non-return valve, (13) thermocouple T-type, (14) pressure 

gauge (0-14 barG). (P.1) sampling point and outlet 

 

6.2.3 Experimental procedures 

The reactor was purged with N2 before starting, was then loaded with 3-butyn-2-ol and 

distilled water at a concentration of 0.19 M and the catalyst. The slurry was agitated, the 

temperature within the reactor was stabilized. Two feed pumps (one for 3-butyn-2-ol, one 

for distilled water) and one product pump were switched on enabling continuous 

operation. At the same time, H2 was fed into the reactor allowing quick pressurisation 

(usually attained in 1-2 seconds), this marked the start of the reaction.  
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Table 6.1 Volumetric flow rates at the inlet and outlet (Qin/Qout) as a function of 

residence time (RT) 

RT  

(min) 

Qin (3-butyn-2-ol)  

(mL/min) 

Qin (water) 

(mL/min) 

Qout (product) 

(mL/min) 

5 0.745 43.9 45 

7.5 0.497 29.2 30 

11 0.339 19.9 20 

12 0.322 18.3 19 

 

The flow-in rates of reactant and solvent were kept the same as the flow-out rate of 

product, maintaining the same liquid level within the reactor. Table 6.1 shows the 

volumetric flow rates at the inlet and the overall volumetric flow rate for the liquid at the 

outlet (mL/min) calculated as the ratio of the liquid volume (mL) over the residence times 

(min) studied in this chapter. Volumetric flow rate of reactant at the inlet (mL/min) was 

calculated on the basis of maintaining the concentration constant.  

Figure 6.3 is the temperature reading for the continuous run of 8 hours, showing a 

constant temperature. Figure 6.4 are the typical snap shots of the inlet flow rates in the 8 

hours run, the small fluctuations in flow rate are the directly result of fluid oscillation, 

mitigated by the use of non-return valves in every inlet line.   
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Figure 6.3 Temperature readings for the continuous hydrogenation reaction (T1 at the 

top of the column, T2 in the middle and T3 at the bottom). RT = 12 min 

 
 

 

 

Figure 6.4 Zoomed-in flow rates of solvent (water) and reactant (3-butyn-2-ol) in the 

continuous hydrogenation reaction; a) solvent flow rate and b) reactant flow rate. RT = 

12 min 
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6.2.4 Analytical procedures 

The analytical procedures explained in Chapter 3 are used in this work. The catalytic 

activity was assessed via reactant conversion and target product selectivity.  

The reaction products were continuously collected in a vessel at the end of the line. 

Liquid samples were taken every 10 mins for the first 7 hours and then every 20 mins for 

the last hour during the course of the reaction for the deactivation study; 74.3% 

conversion was obtained from the first sample at 10 mins, which was similar to that (76%) 

in batch OBR at 10 mins. For the screening test, liquid samples were taken every 4-5 

mins. 

6.3 Results and discussion 

6.3.1 Initial loss of catalyst 

As hydrogenation is often operated at elevated pressures, this means that pressures within 

the reactor are higher than that at the outlet where the product flows out. Such pressure 

gradients would initially force solid catalysts out of the reactor system, leading to an 

initial loss of catalyst. How to reduce the initial loss of catalyst in continuous operation 

is one of the key questions. For each catalyst particle, there are four forces (velocities) 

exerted onto it: liquid velocity (uliq), gas velocity (ugas), oscillatory velocity (uosc) and 

terminal velocity of particles (ut), as shown in Figure 6.5, which illustrates the directions 

of the velocities acting on the catalyst during the oscillatory mixing and Table 6.2 shows 

the magnitudes of the four velocities. 

The terminal velocity is calculated using Stoke’s Law (Equation 6.1), resulting in 

0.024 m/s and 0.043 m/s for particle diameter of 38 and 45 microns, respectively. 
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 𝑢- =
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             ( 6.1 ) 

where g is the gravitational field strength (m/s2), dp the particle diameter (m), rp the mass 

density of the particles (kg/m3), rf the mass density of the fluid (kg/m3) and µ the dynamic 

viscosity (kg/m·s).  

 

Figure 6.5 Scheme of the velocities affecting a catalyst particle within the COBR. 

Liquid and gas flowing upwards 

 
 

Table 6.2 Velocities ranges in this study 

ut (m/s) uliquid (m/s) ugas (m/s) uosc (m/s) 

0.024 - 0.043 0.015 – 0.037 0.008-0.025 0.027 – 0.063 

 

The procedure for the assessment of catalyst loss is as follows: the outlet valve was 

opened, this caused instant depressurization, liquid samples over 5 seconds were collected 

directly into a beaker and filtrated; the amount of catalyst was weighed and recorded. It 

should be noted that catalyst loss only occurred during the valve open period (typical 1-

uliq ugas uosc

ut

uliq ugas

uoscut

Up-wards stroke Down-wards stroke
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2 seconds) due to the sudden depressurization, this is quickly stabilized, leading to no 

catalyst loss thereafter. As a direct consequence, we adopt a term of initial catalyst loss 

to indicate this specific effect. Figure 6.6 shows the percentage of initial catalyst loss per 

time over the valve opening period for various oscillatory mixing and pressures at the 

sampling point P.1. Note that P.1 (or the outlet) was located below the free liquid surface 

and above the baffle region, as illustrated in Figure 6.2. As expected, the initial loss of 

catalyst is more pronounced at higher oscillatory velocity. A high oscillatory velocity 

contributes to longer length travelled by catalyst particles, promoting the loss, which is 

more acute at higher pressure. 

 

Figure 6.6 Effect of mixing and pressure on the loss of catalyst 

 

We see that the initial loss of catalyst in the continuous run can possibly be minimized 

when (i) the catalyst particle size is controlled, e.g. a reduction in the initial loss of catalyst 

of 25% was observed when particle sizes of 38-45 microns were used in comparison to a 

wider particle size distribution (< 45 microns); (ii) increasing the height of the free liquid 

surface in absence of baffles, i.e. increasing the “disengagement zone”. We found that the 

increase of the original height (153 mm) by 27 mm reduced the loss of catalyst by 20% 

at the working conditions, independently of the pressure. This indicates that the initial 

loss of catalyst would completely be eliminated when the length of the “disengagement 
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zone” is increased by 5 times, i.e. 135 mm. Moreover, Figure 6.7 shows that the initial 

loss of catalyst is proportional to the initial amount of catalyst charged in the reactor, 

regardless the pressure in the system. 

 

Figure 6.7 Effect of the catalyst loading on the loss of catalyst.  

Mixing: uosc= 0.045 m s-1 

 

6.3.2 Catalyst deactivation study 

The deactivation study in continuous mode (Figure 6.8) was carried out over 8 hours 

by pumping the reactant and solvent at a ratio that ensures a constant concentration and, 

thus, a constant molar ratio 3-butyn-2-ol/Pd throughout the run. The reaction (or 

residence) time (RT) was based on that obtained from the above batch work to achieve 

the target conversion of 95% using fresh catalyst, this sets up the required input and output 

flow rates as shown in Table 6.1. The initial loss of catalyst from section 6.3.1 was taken 

into account to obtain the target molar ratio. 
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Figure 6.8 Catalyst deactivation study in continuous. a) 3-butyn-2-ol conversion and b) 

3-buten-2-ol selectivity. Reaction conditions: molar ratio 3-butyn-2-ol/Pd = 4070, uosc= 

0.045 m s-1, 5 bar, 323 K, RT=12 min 

 

 

We see that the target conversion of 95 ± 0.5% was achieved in Figure 6.8-a over a 

period of 8 hours. In addition, the selectivity was not affected for the entire duration of 
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investigated.  
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during one continuous run, unlike in batch where the examination of one value of each 

parameter comprises one batch reaction. The parameters examined include oscillatory 

velocity (uosc) from 0.027 to 0.0625 m/s, residence times of 5-12 mins in terms of flow 

rates and pressures (2-5 bar) at a reaction temperature of 323 K. For each parameter, 

steady state was achieved and maintained for a sufficient period of time, e.g. 5 RT cycles 

or more, before a new value of each parameter was started. The following outlines each 

parameter under investigation: 

Oscillatory mixing. The effect of oscillatory mixing in terms of oscillatory velocity 

on conversion for a fixed RT and pressure is plotted in Figure 6.9. Three oscillatory 

velocities from high to low were used. The increase in 3-butyn-2-ol conversion is 

expected with an increase in oscillatory velocity. As the mixing intensity increases, the 

bubbles breakup is enhanced, reducing bubble sizes and increasing surface area. The 

formation of strong vortexes traps bubbles for longer times with increased gas holdup 

within the system, leading to higher mass transfer, in turn higher conversions. At the 

highest oscillatory velocity studied, the 100% conversion means that over-hydrogenation 

took place since the residence time under this particular mixing condition was longer than 

that required to obtain the target conversion (95%).  

 

Figure 6.9 Effect of oscillatory mixing on hydrogenation reaction. Working conditions: 

molar ratio 3-butyn-2-ol/Pd = 4070, 5 bar, 323 K, RT= 7.5 min. Dots correspond to 

conversion and lines indicate the oscillatory velocity 
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Liquid flow rate. The effect of different residence times on the conversion (Figure 

6.10) is obtained by varying the liquid flow rates (20, 30 and 45 mL min-1). As expected, 

the conversion of 3-butyn-2-ol increased with the increase of residence time, resulting 

from longer contact times between the reactants and the catalyst and vice versa.  

 

Figure 6.10 Effect of residence time on hydrogenation reaction. Working conditions: 

molar ratio 3-butyn-2-ol/Pd = 4070, uosc= 0.045 m s-1, 5 bar, 323 K. Dots correspond to 

conversion and lines indicate the reaction time 

 

 

Figure 6.11 Effect of pressure on hydrogenation reaction. Working conditions: molar 

ratio 3-butyn-2-ol/Pd = 4070, uosc= 0.045 m s-1, 323 K, RT=5 min. Dots correspond to 

conversion and lines indicate the working pressure 
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Pressure. The effect of pressure on the conversion in Figure 6.11 indicates that the 

conversion decreases with the decrease of pressure. This is expected due to lower 

concentration of dissolved gas in the system, according to Henry’s Law [114].  

6.4 Conclusions 

The selective hydrogenation of 3-butyn-2-ol catalysed by Pd/Al2O3 has successfully been 

operated in a continuous OBR for the first time. The combination of increased free liquid 

surface level in the reactor together with the absence of oscillatory mixing in that region 

can significantly reduce the initial catalyst loss due to pressure gradient during the start-

up, while the initial loss of catalyst, though small, cannot be prevented, this occurs 

because of the sudden depressurization when opening the outlet valve. The initial loss of 

catalyst was examined and found to be dependent on oscillatory mixing and pressure, but 

independent on the initial catalyst loading.  

A catalyst deactivation test was carried out over 8 hours, no deactivation of catalyst 

was found with the target conversion of 95±0.5%. Furthermore, the selectivity remained 

constant throughout the experimentation. In addition, continuous operation allows 

screening/examining many parameters within one run as the steady state can readily be 

reached.  
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 Conclusions and future work 

This chapter compiles the main conclusions from this thesis work and suggests some 

recommendations for future work. 

7.1 Conclusions 

Firstly, benchmarking conditions in the commercial STR (PARR) are established for a 

range of operational parameters where the reaction is under catalytic control. A reaction 

mechanism was proposed based on experimental observations and verified by means of 

the L-H kinetic model. The hydrogenation of 3-butyn-2-ol proceeds sequentially and 

direct over-hydrogenation is neglected. Those operational parameters at the catalytic 

control comprise the benchmarking conditions, allowing comparison between reactors. 

Secondly, the study of the mode of operation reports enhanced process performance 

under the close mode of operation in both the PARR and the OBR due to the effective 

utilization of hydrogen, i.e. 10 and 7 times higher H2 efficiency in close mode compared 

with open mode, respectively. Therefore, it is advised to replace the use of continuous 

hydrogen flow in three phase catalytic hydrogenation reactions by hydrogen-on-demand 

mode. Hydrogen-on-demand is used in this thesis.  

Thirdly, comparing both reactors under the same conditions at which catalytic control 

is obtained in the PARR indicate: 

• Mixing intensity: rising profiles of the initial reaction rates against power 

density (mixing intensity) are observed, this indicates that the hydrogenation 

reaction in the OBR is still under mass transfer control; 

• Power consumption: at the same operating pressure, the OBR requires about 6 

times less power consumption to achieve the same reaction rate as PARR does; 
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• Reaction rate: the reaction rate obtained in the PARR can be attained in the 

OBR at half the operating pressures with 3 times efficient in power dissipation 

rate, due to enhanced mass transfer. 

Fourthly, the effect of pressure, mixing and catalyst loading on reaction time and H2 

efficiency were evaluated in both reactors: 

• Pressure: the operating pressure only affects the solubility of H2 in water, 

leading to the same 3% increase in H2 efficiency and the same 10% reduction 

in reaction time when the pressure was doubled, independent of the reactor 

configuration; 

• Mixing: the enhanced oscillatory mixing in the OBR brings about 2.3 times 

increase in H2 efficiency and a 50% reduction in reaction time comparing the 

benchmark cases. This indicates that improving mixing in a reactor is a more 

cost-effective way than increasing operating pressures;  

• Catalyst loading: the same catalyst loading in both reactors means 70% lesser 

catalyst in the OBR, the improvement includes 70% better in H2 efficiency and 

30% shorter in reaction time. 

All the above comparisons are based on un-equal power dissipation rates where it is 

about half in the OBR than that in the PARR, indicating that the OBR is an energy 

efficient reactor platform. 

Finally, the selective hydrogenation of 3-butyn-2-ol catalysed by Pd/Al2O3 was 

investigated in a COBR where continuous flow in of reactant and flow out of product is 

implemented. The key features are: 
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• Initial loss of catalyst: an initial loss of catalyst was detected due to sudden 

depressurization when opening the outlet valve, it was found to be depend on 

oscillatory mixing and pressure, but independent on the initial catalyst loading; 

• Catalyst deactivation study: during a 8 h run, constant conversion of 95±0.5% 

and selectivity (> 97%) were obtained, indicating no deactivation of catalyst 

for this period. 

The continuous hydrogenation experiments allowed the continuous assessment of the 

effects of reaction parameters on reaction rate, including oscillatory velocity ranging from 

0.027 to 0.0625 m/s, residence time from 5 to 11 mins by tuning the liquid flow rates and 

pressure from 3 to 5 bar, all in a single experiment. Steady state was readily reached, 

allowing screening of many reaction parameters in one run. Samples taken in the steady 

state are equivalent to one reaction performed in batch, therefore, the efficiency of 

continuous operation is clear and continuous hydrogenation is a more cost-effective way 

of utilizing catalysts without compromise on reaction conversion and selectivity. 

7.2 Future work 

The feasibility of multiphase catalytic hydrogenation in OBR has been demonstrated in 

this thesis work for both in batch and continuous operations. The following 

recommendations for future work are outline below: 

• Investigate the possible catalyst deactivation in continuous operation in a 

longer run, e.g. days; 

• The selective hydrogenation of 3-butyn-2-ol over Pd/Al2O3 was chosen as the 

model reaction in this study. Further investigations on other multiphase 

catalysis should be undertaken to widen the application capability;   
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• Other types of catalyst configurations could be tested, such as fixed section of 

catalyst or catalyst coating onto the surface of baffles; 

• Implementation of in-line PAT (process analytical technique) tools to record 

the change in concentration in real time. The reaction parameters screening 

would benefit from this as the steady state would be rapidly (in real time) 

identified. In order to be feasible, any probe chosen must have the following 

characteristics:  

o Non-invasive, to avoid any interference with the baffles 

o Handle high pressures 

FTIR was considered in this work, more details are given in Appendix G; 

• Incorporating automatic control system would allow a more precise control, 

reflecting in the process efficiency.  

 

 

 

 

 

 

 

 



 

106 

 

Appendix A - Solubility of hydrogen in water 

Solubility can be calculated via Henry’s Law constant, which describes the 

relationship between the dissolved gas and its partial pressure in the gas phase. Defined 

by aqueous-phase mixing ratio, it can be expressed as follows (Equation A.1): 

𝑃 = 𝐻 · 𝑥		 ⇒ 		𝑥 = Ã
H

      (A. 1) 

where x is molar mixing ratio in the aqueous phase (mol/mol); P the partial pressure (Pa) 

and H the Henry’s Law constant, H = f (T), expressed in Pa. 

According to Henry’s Law, pressure is directly proportional to solubility, i.e. an 

increase in pressure is translated in an increase in solubility. This applies at constant 

temperature, where H remains constant. 

However, there is a temperature dependence of Henry’s Law constants, being the latter 

an equilibrium constant, it can be described with the Van’t Hoff equation (Equation A.2): 

5 ÄÅH
5	{ÆÇ~

= 	 o∆HÈ«ª
·

       (A. 2) 

where ∆𝐻81É is the enthalpy of dissolution. 

Integrating Equation A.2, it results as follows (Equation A.3):  
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𝐻	 = 𝐴 exp {°
¸
~      (A. 3) 

where A and B are parameters. Linearly (Equation A.4): 

𝐻 = ln𝐴 +	°
¸
      (A. 4) 

In water-H2 systems, different from other systems, a maximum in Henry’s constant 

(H) is found (around Tmaximum = 325 K). H increases at lower temperatures than the 

maximum and decreases at higher temperatures, as shown in Figure A. 1. 

 

Figure A. 1 Logarithm of Henry’s constant (Pa) for the system hydrogen-water. Data 

reproduced from [259] 
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The following table (Table A. 1) summarizes the solubility of the H2-water system at 

the temperatures and pressures investigated in this thesis. 

 

Table A. 1 Solubility of hydrogen in water (x) as a function of temperature and pressure 

 

P, bar 
x (mol H2 dissolved/mol water) 

333 K 323 K 305 K 298 K 

1 1.23E-05 1.23E-05 1.33E-05 1.39E-05 

2 2.45E-05 2.46E-05 2.66E-05 2.78E-05 

3 3.68E-05 3.69E-05 4.00E-05 4.16E-05 

5 6.13E-05 6.15E-05 6.66E-05 6.94E-05 
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Appendix B - Particle concentration distribution in OBR 

The particle concentration distribution within the OBR is calculated using the 

Equation 2.13 described in Chapter 2 and presented in Table B.1 for the mixing 

conditions used in this thesis. The results (g = 1) indicate that the catalyst was 

homogeneously dispersed within the reactor for all the mixing conditions investigated. 

Previously, terminal velocity (ut) of the catalyst particles in water at 323 K is calculated 

using the Stoke’s Law (Equation 6.1 described in Chapter 6), resulting in terminal 

velocities of 43 and 24 mm/s for 45 and 38 µm particles, respectively. 

In order to calculate the particle concentration distribution, a value for constant R’ is 

required. Here, R’ was taken as 0.8, given by Mackley et al. [220] for resin beads with ut 

= 45 mm/s, in line with the most limiting terminal velocity found in this thesis (particles 

with diameter = 45 µm). 
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Table B. 1 Particle concentration distribution in an OBR as a function of the oscillatory 

mixing 

 

f, Hz xo, mm uosc, m/s γ (dp = 38 µm) γ (dp = 45 µm) 

1 9 0.009 0.9999999 0.9999999 

1 12.5 0.0125 1 1 

2 9 0.018 1 1 

2 12.5 0.025 1 1 

3 9 0.027 1 1 

3 12.5 0.0375 1 1 

4 9 0.036 1 1 

4 12.5 0.05 1 1 

5 9 0.045 1 1 

5 12.5 0.0625 1 1 

 

 

  



 

111 

 

Appendix C - Temperature programmed reduction (TPR) of Pd/Al2O3 

The temperature programmed reduction (TPR) for the commercial 1% (w/w) Pd/Al2O3 

(Sigma-Aldrigh) was carried out in a commercial CHEM-BET 3000 (Quantachrome 

Instrument) using a reducing gas mixture of 5% (v/v) H2/N2 at a flow rate of 20 mL/min, 

heating from room temperature to 573 K at 4 K/min. The result in Figure C. 1 shows a 

single negative peak at 345 K due to hydrogen release, indicating the decomposition of 

b-Pd hydride [286].  

 

Figure C. 1 TPR profile for the commercial 1% wt Pd/Al2O3 purchased from Sigma 

Aldrich 

 

 

 

 
 

300 350 400 450 500 550

T
PR

 si
gn

al
 (a

.u
.)

Temperature (K)



 

112 

 
 

Appendix D - GC calibration 

Calibration of the GC for the reactant/products of the 3-butyn-2-ol hydrogenation was 

performed in order to convert the peak areas given by the GC into mols. The detection 

limit corresponds to a feedstock concentration <1% molar. 

The calibration curves respond to the following shape (Equation D.1). A solution of 

0.15 M 1-pentanol/distilled water was chosen as internal standard (ST).  

+¢
+ÐÇ

= 𝑘.¢
¯¢
¯ÐÇ

       (D. 1) 

where ni and Ai corresponds to mol and area of specie i, respectively. ST denotates internal 

standard. 

Representing the area reported by the GC in the X-axis against the known mols of each 

specie i in the Y-axis (Figure D. 1), the calibration constants are calculated for each 

specie i (listed in Table D. 1). 
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Figure D. 1 GC calibration for the 3-butyn-2-ol hydrogenation reaction 

 

 

 
 

 

Table D. 1 GC calibration constants for the 3-butyn-2-ol hydrogenation reaction 

 

Specie i 𝒌𝒄𝒊 

3-butyn-2-ol 1.212 

3-buten-2-ol 1.463 

2-butanol 1.420 

2-butanone 1.344 

 

 

 

0 1 2
0

1

2

3

 3-butyn-2-ol
 3-buten-2-ol
 2-butanol
 2-butanone

n i
 / 

n S
T

Ai / AST



 

114 

 

Appendix E - Power density dependence on mixing 

 
 

Table E. 1 Power density dependence on mixing in the PARR 

 
N, rpm (P/V)B, W m-3 

320 350 

700 3687 

800 5503 

1000 10748 

1200 18573 

1300 23614 

1400 29494 

1500 36276 

1600 44026 

 
 
 

 

Table E. 2 Power density dependence on mixing in the OBR 

 
f, Hz xo, mm uosc, m/s P/V, W m-3 

1 9 0.009 44 

1 12.5 0.0125 117 

2 9 0.018 350 

2 12.5 0.025 938 

3 9 0.027 1181 

3 12.5 0.0375 3164 

4 9 0.036 2799 

4 12.5 0.05 7500 

5 9 0.045 5468 

5 12.5 0.0625 14649 
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Appendix F - Reaction order test 

For a reaction as the one investigated in this thesis, the rate is expressed as follows 

(Equation F.1): 

𝐴 +	𝐻� 	→ 𝐵 

−𝑟 = 𝑘±	𝐶:𝐶HI
+        ( F.1 ) 

• Hydrogen 

The differential method was applied for the calculation of reaction order with respect 

to hydrogen since the system was under differential reaction conditions, i.e. ro calculated 

at X < 20%.  

In order to apply the differential method, a set of experiments is required. Initial 

reaction rates as a function of hydrogen concentration were calculated at constant organic 

concentration and temperature by varying the hydrogen pressure since, according to the 

Henry’s Law, the concentration of dissolved hydrogen is proportional to pressure at a 

constant temperature (see Equation A.1). Following this, the reaction rate can be 

expressed as shown in Equation F.2: 

−𝑟 = 𝑘±	𝐶:𝐶HI
+ 	∝ 	 𝑘±	𝐶:𝑃HI

+       ( F.2 ) 
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Appling it to initial conditions and linearizing, the following Equation F.3 results: 

log	𝑟1 = log 𝑘± + 𝑚 log 𝐶 « + 𝑛 log 𝑃HI	    ( F.3 ) 

where [log 𝑘± + 𝑚 log 𝐶 «] is a constant since 𝐶 « was kept unchanged and n (slope) 

represents the reaction order with respect to hydrogen. 

This test was repeated at several temperatures. Plotting the data according to Equation 

F.3, it resulted in a lineal fitting with slope » 1 for all the temperatures investigated 

(Figure F.1), concluding that the reaction rate with respect to hydrogen is first order for 

all the temperatures investigated. 

 

Figure F. 1 Logarithm of initial reaction rate versus logarithm of hydrogen pressure 
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• 3-butyn-2-ol 

The reaction order with respect to 3-butyn-2-ol (A) is assumed to be zero, i.e. the 

reaction rate is independent of the concentration of 3-butyn-2-ol, based on the 

experimental results (reactant concentration change over time) shown in Figure 4.7. The 

reaction rate can be expressed as follows (Equation F.4): 

−𝑟 = −5��
5-

= 𝑘       ( F.4 ) 

Integrating Equation F.4 between the initial concentration at the beginning of the 

experiment and a concentration at time t, it results in Equation F.5: 

(𝐶 1 − 𝐶 ) = 𝑘𝑡        ( F.5 ) 

Plotting Equation F.5, the reaction order assumption can be accepted or discarded 

based on whether the experimental values follow a linear fit (the assumed order 

corresponds with the actual one), an upwards curvature (the assumed order is higher than 

the actual one) or a downwards curvature (the assumed order is lower than the actual one). 

Figure F. 2 shows the reaction order test for the reactant assuming zero order. The 

experimental data slightly bend upwards, indication of negative reaction order respect to 

3-butyn-2-ol. 
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Figure F. 2 Zero reaction order test 
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Appendix G - PAT implementation: in-situ FTIR 

The use of FTIR for real-time concentration measurements was investigated for the 

hydrogenation of 3-butyn-2-ol and the outcome is reported in this appendix. 

Fourier Transform Infrared Spectroscopy (FTIR) is an analytical technique that 

identifies chemical bonds in a molecule via measurements of the absorption of infrared 

radiation by the sample material versus wavelength. The identification of the molecular 

components and structures is possible thanks to the distinctive infrared absorption bands, 

characteristic of each molecular structure (Figure G. 1). 

 

Figure G. 1 Characteristic IR adsorptions for functional groups 
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FTIR is also used as a tool for the quantitative measurement of concentrations in 

hydrogenation reactions, such as the heterogeneous catalytic enantioselective 

hydrogenation of a,b-unsaturated ketones performed at 1 and 10 bar [287] or the 

hydrogenation of g-butyrolactone to 1,4-butanediol over copper-zinc oxide at 50 bar 

[288], reporting no effect of agitation speed, gas flow rate or pressure on the measures 

taken by the FTIR probe. They also confirmed that the results obtained by in-situ FTIR 

probe are in agreement with those determined by off-line GC analysis [289]. Besides, the 

implementation of FTIR in an COBR has been reported for the liquid-phase amine 

synthesis [226, 227].  

The FTIR spectra of the components involved in the hydrogenation of 3-butyn-2-ol 

using water as solvent are shown in Figure G. 2. The identification and quantification of 

the reactant and target product is possible due to their respective distinctive peaks (CºC 

at 2046 cm-1 and C=C at 1580 cm-1, as highlighted in the graph). However, several 

drawbacks for the utilization of this technique were found: 

- The peak that identifies the triple bond is very small, thus, losing accuracy in the 

measurement.  

- The peak that identifies the double bond is partially covered by the ketone 

distinctive peak (here at 1618 cm-1). 

- Water as solvent: the water spectrum (light blue-dashed line) cover all distinctive 

peaks. 
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Figure G. 3 reports the attempts to remove the effect of the solvent, i.e. the water 

spectrum covers the reactant/products spectra (see samples called as bkg-air), by 

subtracting the water spectrum (denotated as bkg-water). Nonetheless, the result was a 

flat line without possibility of extracting any information.  

Taking the above into account, FTIR cannot be implemented as PAT for the 

hydrogenation of 3-butyn-2-ol using distilled water as solvent.  

 
 
 

Figure G. 2 FTIR spectra of the reactant/products of the hydrogenation of 3-butyn-2-ol 

reaction (in water) 
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Figure G. 3 FTIR spectra of two samples (at t=0 and t=t1) of the hydrogenation of 3-

butyn-2-ol reaction (in water) 
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